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Description

CROSS-REFERENCE TO RELATED APPLICATIONS

[0001] This application claims priority to U.S. Provisional Application Sepal No. 60/606,619, filed September 2,2004
and 60/by 1,345, filed November 29, 2004.

FIELD OF THE INTENTION

[0002] This invention relates generally to a process for the liquid-phase, catalytic oxidation of para-xylene. Para-xylene
to produce crude terephthalic acid.

BACKGROUND OF THE INVENTION

[0003] Liquid-phase oxidation reactions are employed in a variety of exiting commercial processes. For example,
liquid-phase oxidation is currentty used for the oxidation of aldehydes to acids (en, propionaldehyde to propionic acid),
the oxidation ofcyclohexane to adipic acid, and the oxidation of alkyl aromatics to alcohols, acids, or diacids. A, particularly
significant commercial oxidation process in the latter category (oxidation of alkyl aromatics) is the liquid-phase catalytic
partial oxidation of para-xylene to terephthalic acid. Terephthalic acid is an important compound with a variety of appli-
cations. The primary use of terephthalic acid is as a feedstock in the production of polyethylene terephtalate (PET). PET
is a well-known plastic used in great quantities around the world to make products such as bottles, fibers, and packaging.
[0004] In a typical liquid-phase oxidation process, including partial oxidation of para-xylene to terephthalic acid, a
liquid-phase feed stream and a gas-phase oxidant stream are introduced into a reactor and form a multi-phase reaction
medium in the reactor. The liquid-phase feed stream introduced into the reactor contains at least one oxidizable organic
compound (e.g., para-xylene), while the gas-phase oxidant stream contains molecular oxygen. At least a portion of the
molecular oxygen introduced into the reactor as a gas dissolves into the liquid phase of the reaction medium to provide
oxygen availability for the liquid-phase reaction. If the liquid phase of the multi-phase reaction medium contains an
insufficient concentration of molecular oxygen (i.e., if certain portions of the reaction medium are "oxygen-starved"),
undesirable side-reactions can generate impurities and/or the intended reactions can be retarded in rate. If the liquid
phase of the reaction medium contains too little of the oxidizable compound, the rate of reaction may be undesirably
slow. Further, if the liquid phase of the reaction medium contains an excess concentration of the oxidizable compound,
additional undesirable side-reactions can generate impurities.
[0005] Conventional liquid-phase oxidation reactors are equipped with agitation means for mixing the multi-phase
reaction medium contained therein. Agitation of the reaction medium is supplied in an effort to promote dissolution of
molecular oxygen into the liquid phase of the reaction medium, maintain relatively uniform concentrations of dissolved
oxygen in the liquid phase of the reaction medium, and maintain relatively uniform concentrations of the oxidizable
organic compound in the liquid phase of the reaction medium.
[0006] Agitation of the reaction medium undergoing liquid-phase oxidation is frequently provided by mechanical agi-
tation means in vessels such as, for example, continuous stirred tank reactors (CSTRs). Although CSTRs can provide
thorough mixing of the reaction medium, CSTRs have a number of drawbacks. For example, CSTRs have a relatively
high capital cost due to their requirement for expensive motors, fluid-sealed bearings and drive shafts, and/or complex
stirring mechanisms. Further, the rotating and/or oscillating mechanical components of conventional CSTRs require
regular maintenance. The labor and shutdown time associated with such maintenance adds to the operating cost of
CSTRs. However, even with regular maintenance, the mechanical agitation systems employed in CSTRs are prone to
mechanical failure and may require replacement over relatively short periods of time.
[0007] Bubble column reactors provide an attractive alternative to CSTRs and other mechanically agitated oxidation
reactors. Bubble column reactors provide agitation of the reaction medium without requiring expensive and unreliable
mechanical equipment. Bubble column reactors typically include an elongated upright reaction zone within which the
reaction medium is contained. Agitation of the reaction medium in the reaction zone is provided primarily by the natural
buoyancy of gas bubbles rising through the liquid phase of the reaction medium. This natural-buoyancy agitation provided
in bubble column reactors reduces capital and maintenance costs relative to mechanically agitated reactors. Further,
the substantial absence of moving mechanical parts associated with bubble column reactors provides an oxidation
system that is less prone to mechanical failure than mechanically agitated reactors.
[0008] When liquid-phase partial oxidation of para-xylene is carried out in a conventional oxidation reactor (CSTR or
bubble column), the product withdrawn from the reactor is typically a slurry comprising crude terephthalic acid (CTA)
and a mother liquor. CTA contains relatively high levels of impurities (e.g., 4-carboxybenzaldehyde, para-toluic acid,
fluorenones, and other color bodies) that render it unsuitable as a feedstock for the production of PET. Thus, the CTA
produced in conventional oxidation reactors is typically subjected to a purification process that converts the CTA into
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purified terephthalic acid (PTA) suitable for making PET.
[0009] One typical purification process for converting CTA to PTA includes the following steps: (1) replacing the mother
liquor of the CTA-containing slurry with water, (2) heating the CTA/water slurry to dissolve the CTA in water, (3) catalytically
hydrogenating the CTA/water solution to convert impurities to more desirable and/or easily-separable compounds, (4)
precipitating the resulting PTA from the hydrogenated solution via multiple crystallization steps, and (5) separating the
crystallized PTA from the remaining liquids. Although effective, this type of conventional purification process can be very
expensive. Individual factors contributing top the high cost of conventional CTA purification methods include, for example,
the heat energy required to promote dissolution of the CTA in water, the catalyst required, for hydrogenatioii, the hydrogen
stream required for hydrogenation* the yield loss caused by hydrogenation of some terephthalic acid, and the multiple
vessels required for multi-step crystallization. Thus, it would be desirable to provide a CTA product, that could be purified
without requiring heat pmmoted dissolution in water, hydrogenation, and/or multi-step crystallization.
[0010] US 3 240 803 relates to a process for the continuous preparation of particles of terephthalic acid in which para-
xylene is oxidized in the presence of a cobalt and/or manganese catalyst at a temperature of from 80 to 150°C using
an oxidation column.

OBJECTS OF THE INTENTION

[0011] It is, thetefore, an object of the present invention to provide a more effective process for the liquid-phase catalytic
partial oxidation of para-xylene to terephthalic acid.

SUMMARY OF THE INVENTION

[0012] The present invention concerns an oxidation process as defined in claim 1.

BRIEF DESCRIPTION OF THE DRAWING

[0013] Preferred embodiment of the invention are described in detail below with reference to the attached drawing
figures, wherein:

FIG. 1 is a side view of a bubble column reactor used in the process in accordance with the present invention,
particularly illustrating the introduction of feed, oxidant, and reflux streams into the reactor, the presence of a multi-
phase reaction medium in the reactor, and the withdrawal of a gas and a slurry from the top and bottom of the
reactor, respectively;
FIG. 2 is an enlarged sectional side vies of the bottom of the bubble column reactor taken along line 2-2 in FIG. 3,
particularly illustrating the location and configuration of a oxidant sparger used to introduce the oxidant stream into
the reactor;
FIG. 3 is a top view of the oxidant sparger of FIG. 2, particularly illustrating the oxidant openings in the top of the
oxidant sparger;
PIG. 4 is a bottom view of the oxidant sparger of FIG. 2, particularly illustrating the oxidant openings in the bottom
of the oxidant sparger;
FIG. 5 is a sectional side view of the oxidant sparger taken along line 5-5 in FIG. 3, particularly illustrating the
orientation of the oxidant openings in the top and bottom of the oxidant sparger;
FIG. 6 is an enlarged side view of the bottom portion of the bubble column reactor, particular illustrating a system
for introducing the feed stream, into the reactor at multiple, vertically-space locations;
FIG. 7 is a sectional top view taken along line 7-7 in FIG. 6, particularly illustrating how the feed introduction system
shown in FaG. 6 distributes the feed stream into in a preferred radial feed zone (FZ) and more than one azimuthal
quadrant (Q1, Q2, Q3, Q4);
FIG. 8 is a sectional top view similar to FIG. 7, but illustrating an alternative means for discharging the feed stream
into the reactor using bayonet tubes each having a plurality of small feed openings;
FIG. 9 is an isometric view of an alternative system for introducing the feed stream into the reaction zone at multiple
vertically-space locations without requiring multiple vessel penetrations, particularly illustrating that the feed distri-
bution system can be at least partly supported on the oxidant sparger;
FIG. 10 is a side view of the single-penetration feed distribution system and oxidant sparger illustrated in FIG. 9;
FIG. 11 is a sectional top view taken along line 11-11 in FIG. 10 and further illustrating the single-penetration feed
distribution system supported on the oxidant sparger;
FIGS. 32A and 32B are magnified views of crude terephthalic acid (CTA) particles produced in accordance with
one embodiment of the present invention, particularly illustrating that each CTA. particle is a low density, high sarfaco
area particle composed of a plurality of loosely-bound PTA sub-particles;
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FIG. 33A and 33B are magnified views of a conventionally-produced CTA, particularly illustrating that the conventional
CTA particle has a larger particle size, lower density, and lower surface area than the inventive CTA particle of
FIGS. 32A and 32B;
FIG. 34 is a simplifies process flow diagram of a prior art process for making purified terephthalic acid (PTA);
FIG. 35 is a simpered process flow diagram of a process for masking PTA in accordance with one embodiment of
the present invention; and
FIG. 36 is a graph plotting the results of the solids fraction test described in the Examples section, particularly
illustrating that the production of 4-4’-dicarboxystilbene was significantly elevated when a higher solids fraction was
employed in the reaction medium.

DETAILED DESCRIPTION

[0014] The present invention concerns the liquid-phase partial oxidation of para-xylene. Such oxidation is carried out
in the liquid phase of it multi-phase reaction medium contained in a bubble column reactor,
[0015] As used herein, the term "bubbles column reactor" shall denote a reactor, for facilitating chemical reactions in
a multi-phase reaction medium, wherein agitation of the reaction medium is provided primarily by the upward movement
of gas bubbles through the reaction medium. As used herein, the term "agitation" shall denote work dissipated into the
reaction medium causing fluid flow and/or mixing. As used herein, tba terms "majority", ’’primarily", and ’’predominately"
shall mean more than 50 percent As used herein, the term "mechanical a$itation" shall denote agitation of the reaction
medium caused by physical movement of a rigid or flexible element(s) against or within the reaction medium. For
examples, mechanical agitation can be provided by rotation, oscillation, anchor vibration of internal stirrers, paddles,
vibratory, or acoustical diaphragm located in the reaction tnediam. As used herein, the term "flow agitation" shall denote
agitation of the reaction medium caused by high velocity injection and/or recirculation of one or more fluids in the reaction
medium. For example, flow agitation can be provided by nozzles, ejectors, and/or educators.
[0016] In a preferred embodiment of the present invention, less than about 40 percent of the agitation of the reaction
medium in the bubble column reactor during oxidation is provided by mechanical and/or flow agitation, more preferably
less than about 20 percent of the agitation is provided by mechanical and/or flow agitation, and most preferably less
than 5 percent of the agitation is provided by mechanical arldlor flow agitation. Preferably, the amount of mechanical
and/or flow agitation imparted to the multi-phase reaction medium during oxidation is less than about 3 kilowatt per cubic
meter of the reaction medium, more preferably less than about 2 kilowatts per cubic meter, and most preferably less
than 1 kilowatt per cubic meter.
[0017] Referring now to FIG. 1, a bubble column reactor 20 is illustrated as comprising a vessel shell 22 having of a
reaction section 24 and a disengagement section 26. Reaction section 24 defines an internal reaction-none 28, while
disengagement section 26 defines an internal disengagement zone 30. A predominately liquid-phase feed stream is
introduced into reaction zone 28 via feed inlets 32a,b,c,d. A predominately gas-phase oxidant stream is introduced into
reaction zone 28 via an oxidant sparger 34 located in the lower portion of reaction zone 28. The liquid-phase feed stream
and gas-phase oxidant streams cooperatively form a multi-phase reaction medium 36 within reaction zone 28. Multi-
phase reaction medium 36 comprises a liquid phase and a gas phase, More preferably, multiphase reaction medium
36 comprises a three-phase medium having solid-phase, liquid-phase, and gas-phase components. The solid-phase
component of the reaction medium 36 preferably precipitates within reaction zone 28 as a result of the oxidation reaction
carried out in the liquid phase of reaction medium 36. Bubble column reactor 20 includes a slurry outlet 38 located near
the bottom of reaction zone 28 and a gas outlet 40 located near the top of disengagement zone 30. A slurry effluent
comprising liquid-phase and solid-phase components of reaction medium 36 is withdrawn from reaction zone 28 via
slurry outlet 38, while a predominantly gaseous effluent is withdrawn from disengagement zone 30 via gas outlet 40.
[0018] The liquid-phase feed stream introduced into bubble column reactor 20 via feed inlets 32a,b,c,d comprises an
oxidizable compound, a solvent, and a catalyst system.
[0019] The oxidizable compound present in the liquid-phase feed stream is para-xylene.
[0020] The amount of oxidizable compound present in the liquid-phase feed is preferably in the range affroin about 2
to about 40 weight percent, more preferably in the range of from about 4 to about 20 weight percent, and most preferably
in the range of from 6 to 15 weight percent.
[0021] The solvent present in the liquid-phase feed stream preferably comprises an acid component and a water
component. The solvent is preferably present in the liquid-phase feed stream at a concentration in the range of from
about 60 to about 98 weight percent, more preferably in the range of from about 80 to about 96 weight percent, and
most preferably in the range of from 85 to 94 weight percent. The acid component of the solvent is preferably primarily
an organic low molecular weight monocarboxylic acid having 1-6 carbon atoms, more preferably 2 carbon atoms. Most
preferably, the acid component of the solvent is primarily acetic acid. Preferably, the acid component makes up at least
about 75 weight percent of the solvent, more preferably at least about 80 weight percent of the solvent, and most
preferably 85 to 98 weight percent or the solvent, width the balance being primarily water. The solvent introduced into
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bubble column reactor 20 can include small quantities of impurities such as, for example, para-tolualdehyde, tereph-
thaldehyde, 4-carboxybenzaldehyde (4-CBA), benzoic acid, para-toluic acid, para-toluic aldehyde, alpha-bromo-para-
toluic acid, isophthalic acid, phthalic acid, trimellitic acid, polyaromatics, and/or suspended particulate. It is preferred
that the total amount of impurities in the solvent introduced into bubble column reactor 20 is less than about 3 weight
percent.
[0022] The catalyst system present in the liquid-phase feed stream is preferably a homogeneous, liquid-phase catalyst
system capable of promoting oxidation (including partial oxidation) of the oxidizable compound. More preferably, the
catalyst system comprises at least one multivalent transition metal. Still more preferably, the multivalent transition metal
comprises cobalt. Even more preferably, the catalyst system comprises cobalt and bromine. Most preferably, the catalyst
system comprises cobalt, bromine, and manganese.
[0023] When cobalt is present in the catalyst system, it is preferred for the amount of cobalt present in the liquid-phase
feed stream to be such that the concentration of cobalt in the liquid phase of reaction medium 36 is maintained in the
range of from about 300 to about 6,000 parts per million by weight (ppmw), more preferably in the range of from about
700 to about 4,200 ppmw, and most preferably in the range of from 1,200 to 3,000 ppmw. When bromine is present in
the catalyst system, it is preferred for the amount of bromine present in the liquid-phase feed stream to be such that the
concentration of bromine in the liquid phase of reaction medium 36 is maintained in the range of from about 300 to about
5,000 ppmw, more preferably in the range of from about 600 to about 4,000 ppmw, and most preferably in the range of
from 900 to 3,000 ppmw. When manganese is present in the catalyst system, it is preferred for the amount of manganese
present in the liquid-phase feed stream to be such that the concentration of manganese in the liquid phase of reaction
medium 36 is maintained in the range of from about 20 to about 1,000 ppmw, more preferably in the range of from about
40 to about 500 ppmw, most preferably in the range of from 50 to 200 ppmw.
[0024] The concentrations of the cobalt, bromine, and/or manganese in the liquid phase of reaction medium 36,
provided above, are expressed on a time-averaged and volume-averaged basis. As used herein, the term "time-averaged"
shall denote an average of at least 10 measurements taken equally over a continuous period of at least 100 seconds.
As used herein, the term "volume-averaged" shall denote an average of at least 10 measurements taken at uniform 3-
dimensional spacing throughout a certain volume.
[0025] The weight ratio of cobalt to bromine (Co:Br) in the catalyst system introduced into reaction zone 28 is preferably
in the range of from about 0.25:1 to about 4:1, more preferably in the range of from about 0.5:1 to about 3:1, and most
preferably in the range of from 0.75:1 to 2:1. The weight ratio of cobalt to manganese (Co:Mn) in the catalyst system
introduced into reaction zone 28 is preferably in the range of from about 0.3:1 to about 40:1, more preferably in the range
of from about 5:1 to about 30:1, and most preferably in the range of from 10:1 to 25:1.
[0026] The liquid-phase feed stream introduced into bubble column reactor 20 can include small quantities of impurities
such as, for example, toluene, ethylbenzene, para-tolualdehyde, terephthaldehyde, 4-carboxybenzaldehyde (4-CBA),
benzoic acid, para-toluic acid, para-toluic aldehyde, alpha bromo para-toluic acid, isophthalic acid, phthalic acid, trimellitic
acid, polyaromatics, and/or suspended particulate. When bubble column reactor 20 is employed for the production of
terephthalic acid, meta-xylene and ortho-xylene are also considered impurities. It is preferred that the total amount of
impurities in the liquid-phase feed stream introduced into bubble column reactor 20 is less than about 3 weight percent.
[0027] Although FIG. 1 illustrates an embodiment where the oxidizable compound, the solvent, and the catalyst system
are mixed together and introduced into bubble column reactor 20 as a single feed stream, in an alternative embodiment
of the present invention, the oxidizable compound, the solvent, and the catalyst can be separately introduced into bubble
column reactor 20. For example, it is possible to feed a pure para-xylene stream into bubble column reactor 20 via an
inlet separate from the solvent and catalyst inlet(s).
[0028] The predominately gas-phase oxidant stream introduced into bubble column reactor 20 via oxidant sparger 34
comprises molecular oxygen (O2). Preferably, the oxidant stream comprises in the range of from about 5 to about 40
mole percent molecular oxygen, more preferably in the range of from about 15 to about 30 mole percent molecular
oxygen, and most preferably in the range of from 18 to 24 mole percent molecular oxygen. It is preferred for the balance
of the oxidant stream to be comprised primarily of a gas or gasses, such as nitrogen, that are inert to oxidation. More
preferably, the oxidant stream consists essentially of molecular oxygen and nitrogen. Most preferably, the oxidant stream
is dry air that comprises about 21 mole percent molecular oxygen and about 78 to about 81 mole percent nitrogen. In
an alternative embodiment of the present invention, the oxidant stream can comprise substantially pure oxygen.
[0029] Referring again to FIG. 1, bubble column reactor 20 is preferably equipped with a reflux distributor 42 positioned
above an upper surface 44 of reaction medium 36. Reflux distributor 42 is operable to introduce droplets of a predominately
liquid-phase reflux stream into disengagement zone 30 by any means of droplet formation known in the art. More
preferably, reflux distributor 42 produces a spray of droplets directed downwardly towards upper surface 44 of reaction
medium 36. Preferably, this downward spray of droplets affects (i.e., engages and influences) at least about 50 percent
of the maximum horizontal cross-sectional area of disengagement zone 30. More preferably, the spray of droplets affects
at least about 75 percent of the maximum horizontal cross-sectional area of disengagement zone 30. Most preferably,
the spray of droplets affects at least 90 percent of the maximum horizontal cross-sectional area of disengagement zone
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30. This downward liquid reflux spray can help prevent foaming at or above upper surface 44 of reaction medium 36
and can also aid in the disengagement of any liquid or slurry droplets entrained in the upwardly moving gas that flows
towards gas outlet 40. Further, the liquid reflux may serve to reduce the amount of particulates and potentially precipitating
compounds (e.g., dissolved benzoic acid, para-toluic acid, 4-CBA, terephthalic acid, and catalyst metal salts) exiting in
the gaseous effluent withdrawn from disengagement zone 30 via gas outlet 40. In addition, the introduction of reflux
droplets into disengagement zone 30 can, by a distillation action, be used to adjust the composition of the gaseous
effluent withdrawn via gas outlet 40.
[0030] The liquid reflux stream introduced into bubble column reactor 20 via reflux distributor 42 preferably has about
the same composition as the solvent component of the liquid-phase feed stream introduced into bubble column reactor
20 via feed inlets 32a,b,c,d. Thus, it is preferred for the liquid reflux stream to comprise an acid component and water.
The acid component of the reflux stream is preferably a low molecular weight organic monocarboxylic acid having 1-6
carbon atoms, more preferably 2 carbon atoms. Most preferably, the acid component of the reflux stream is acetic acid.
Preferably, the acid component makes up at least about 75 weight percent of the reflux stream, more preferably at least
about 80 weight percent of the reflux stream, and most preferably 85 to 98 weight percent of the reflux stream, with the
balance being Water. Because the reflux stream typically has substantially the same composition as the solvent in the
liquid-phase feed stream, when this description refers to the "total solvent" introduced into the reactor, such "total solvent"
shall include both the reflux stream and the solvent portion of the feed stream.
[0031] During liquid-phase oxidation in bubble column reactor 20, it is preferred for the feed, oxidant, and reflux streams
to be substantially continuously introduced into reaction zone 28, while the gas and slurry effluent streams are substantially
continuously withdrawn from reaction zone 28. As used herein, the term "substantially continuously" shall mean for a
period of at least 10 hours interrupted by less than 10 minutes. During oxidation, it is preferred for the oxidizable compound
(para-xylene) to be substantially continuously introduced into reaction zone 28 at a rate of at least 8,000 kilograms per
hour, more preferably at a rate in the range of from 13,000 to 80,000 kilograms per hour, still more preferably in the
range of from 18,000 to 50,000 kilograms per hour, and most preferably in the range of from 22,000 to 30,000 kilograms
per hour. Although it is generally preferred for the flow rates of the incoming feed, oxidant, and reflux streams to be
substantially steady, it is now noted that one embodiment of the presenting invention contemplates pulsing the incoming
feed, oxidant, and/or reflux stream in order to improve mixing and mass transfer. When the incoming feed, oxidant,
and/or reflux stream are introduced in a pulsed, fashion, it is preferred for their flow rates to vary within about 0 to about
500 percent of the steady-state flow rates recited herein, more preferably within about 30 to about 200 percent of the
steady-state flow rates recited herein, and most preferably within 80 to 120 percent of the steady-state flow rates recited
herein.
[0032] The average space-time rate of reaction (STR) in bubble column oxidation reactor 20 is defined as the mass
of the oxidizable compounds fed per unit volume of reaction medium 36 per unit time (e.g., kilograms of para-xylene fed
per cubic meter per hour). In conventional usage, the amount af oxidizable compound not converted to product would
typically be subtracted from the amount of oxidizable compound in the feed stream before calculating the STR. However,
conversions and yields are typically high for the oxidizable compound (para-xylene), and it is convenient to define the
term herein as stated above. For reasons of capital cost and operating inventory, among others, it is generally preferred
that the reaction be conducted with a high STR. However, conducting the reaction at increasingly higher STR may affect
the quality or yield of the partial oxidation. Bubble column reactor 20 is particularly useful when the STR of the oxidizable
compound (e.g., para-xylene) is in the range of from 25 kilograms per cubic meter per hour to 400 kilograms per cubic
meter per hour, more preferably in the range of from 30 kilograms per cubic meter per hour to 250 kilograms per cubic
meter per hour, still more preferably from 35 kilograms per cubic meter per hour to 150 kilograms per cubic meter per
hour, and most preferably in the range of from 40 kilograms per cubic meter per hour to 100 kilograms per cubic meter
per hour.
[0033] The oxygen-STR in bubble column oxidation reactor 20 is defined as the weight of molecular oxygen consumed
per unit volume of reaction mediuzn 36 per unit time (e.g., kilograms of molecular oxygen consumed per cubic meter
per hour). For reasons of capital cost and oxidative consumption of solvent, among others, it is generally preferred that
the reaction be conducted with a high oxygen-STR. However, conducting the reaction at increasingly higher oxygen-
STR eventually reduces the quality or yield of the partial oxidation. Without being bound by theory, it appears that this
possibly relates to the transfer rate of molecular oxygen from the gas phase into the liquid at the interfacial surface area
and thence into the bulk liquid. Too high an oxygen-STR possibly leads to too low a dissolved oxygen content in the
bulk liquid phase of the reaction medium.
[0034] The global-average-oxygen-STR is defined herein as the weight of all oxygen consumed in the entire volume
of reaction medium 36 per unit time (e.g., kilograms of molecular oxygen consumed per cubic meter per hour). Bubble
column reactor 20 is particularly useful when the global-average-oxygen-STR is in the range of from about 25 kilograms
per cubic meter per hour to about 400 kilograms per cubic meter per hour, more preferably in the range of from about
30 kilograms per cubic meter per hour to about 250 kilograms per cubic meter per hour, still more preferably from about
35 kilograms per cubic meter per hour to about 150 kilograms per cubic meter per hour, and most preferably in the range
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of from 40 kilograms per cubic meter per hour to 100 kilograms per cubic meter per hour.
[0035] During oxidation in bubble column reactor 20, it is preferred for the ratio of the mass flow rate of the total solvent
(from both the feed and reflux streams) to the mass flow rate of the oxidizable compound entering reaction zone 28 to
be maintained in the range of from about 2:1 to about 50:1, more preferably in the range of from about 5:1 to about 40:1,
and most preferably in the range of from 7.5:1 to 25:1. Preferably, the ratio of the mass flow rate of solvent introduced
as part of the feed stream to the mass flow rate of solvent introduced as part of the reflux stream is maintained in the
range of from about 0.5:1 to no reflux stream flow whatsoever, more preferably in the range of from about 0.5:1 to about
4:1, still more preferably in the range of from about 1:1 to about 2:1, and most preferably in the range of from 1.25:1 to 1.5:1.
[0036] During liquid-phase oxidation in bubble column reactor 20, it is preferred for the oxidant stream to be introduced
into bubble column reactor 20 in an amount that provides molecular oxygen somewhat exceeding the stoichiometric
oxygen demand. The amount of excess molecular oxygen required for best results with a particular oxidizable compound
affects the overall economics of the liquid-phase oxidation. During liquid-phase oxidation in bubble column reactor 20,
it is preferred that the ratio of the mass flow rate of the oxidant stream to the mass flow rate of the oxidizable organic
compound (para-xylene) entering reactor 20 is maintained in the range of from about 0.5:1 to about 20:1, more-preferably
in the range of from about 1:1 to about 10:1, and most preferably in the range of from 2:1 to 6:1.
[0037] Referring again to FIG. 1, the feed, oxidant, and reflux streams introduced into bubble column reactor 20
cooperatively form at least a portion of multi-phase reaction medium 36. Reaction medium 36 is a three-phase medium
comprising a solid phase, a liquid phase, and a gas phase. As mentioned above, oxidation of the oxidizable compound
(para-xylene) takes place predominately in the liquid phase of reaction medium 36. Thus, the liquid phase of reaction
medium 36 comprises dissolved oxygen and the oxidizable compound. The exothermie nature of the oxidation reaction
that takes place in bubble column reactor 20 causes a portion of the solvent (e.g., acetic acid and water) introduced via
feed inlets 32a,b,c,d to boil/vaporize. Thus, the gas phase of reaction medium 36 in reactor 20 is formed primarily of
vaporized solvent and an undissolved, unreacted portion of the oxidant stream. Certain prior art oxidation reactors
employ heat exchange tubes/fins to heat or cool the reaction medium. However, such heat exchange structures may
be undesirable in the inventive reactor and process described herein. Thus, it is preferred for bubble column reactor 20
to include substantially no surfaces that contact reaction medium 36 and exhibit a time-averaged heat flux greater than
30,000 watts per meter squared.
[0038] The concentration of dissolved oxygen in the liquid phase of reaction medium 36 is a dynamic balance between
the rate of mass transfer from the gas phase and the rate of reactive consumption within the liquid phase (i.e. it is not
set simply by the partial pressure of molecular oxygen in the supplying gas phase, though this is one factor in the supply
rate of dissolved oxygen and it does affect the limiting upper concentration of dissolved oxygen). The amount of dissolved
oxygen varies locally, being higher near bubble interfaces. Globally, the amount of dissolved oxygen depends on the
balance of supply and demand factors in different regions of reaction medium 36. Temporally, the amount of dissolved
oxygen depends on the uniformity of gas and liquid fixing relative to chemical consumption rates. In designing to match
appropriately the supply of and demand for dissolved oxygen in the liquid phase of reaction medium 36, it is preferred
for the time-averaged and volume-averaged oxygen concentration in the liquid phase of reaction medium, 36 to be
maintained above about 1 ppm molar, more preferably in the range from about 4 to about 1,000 ppm molar, still more
preferably in the range from about 8 to about 500 ppm solar, and most preferably in the range from 12 to 120 ppm molar.
[0039] The liquid-phase oxidation reaction carried out in bubble column reactor 20 is preferably a precipitating reaction
that generates solids. More preferably, the liquid-phase oxidation carried out in bubble column reactor 20 causes at
least 10 weight percent of the oxidizable compound (para-xylene) introduced into reaction zone 28 to form a solid
compound (crude terephthalic acid particles) in reaction medium 36. Still more preferably, the liquid-phase oxidation
causes at least 50 weight percent of the oxidizable compound to form a solid compound in reaction medium 36. Most
preferably, the liquid-phase oxidation causes at least 90 weight percent of the oxidizable compound to form a solid
compound in reaction medium 36. The total amount of solids in reaction medium 36 on a time-averaged and volume-
averaged basis is in the range of from 15 to 30 weight percent. It is preferred for a substantial portion of the oxidation
product (terephthalic acid) produced in bubble column reactor 20 to be present in reaction medium 36 as solids, as
opposed to remaining dissolved in the liquid phase of reaction medium 36. The amount of the solid phase oxidation
product present in reaction medium 36 is preferably at least about 25 percent by weight of the total oxidation product
(solid and liquid phase) in reaction medium. 36, more preferably at least about 75 percent by weight of the total oxidation
product in reaction medium 36, and most preferably at least 95 percent by weight of the total oxidation product in reaction
medium 36. The numerical ranges provided, above for the amount of solids in reaction medium 36 apply to substantially
steady-state operation of bubble column 20 over a substantially continuous period of time, not to start-up, shut-down,
or sub-optimal operation of bubble column reactor 20. The amount of solids in reaction medium 36 is determined by a
gravimetric methods. In this gravimetric method, a representative portion of slurry is withdrawn from the reaction medium
and weighed. At conditions that effectively maintain the overall solid liquid partitioning present within the reaction medium,
free liquid is removed from the solids portion by sedimentation or filtration, effectively without loss of precipitated solids
and with less than about 10 percent of the initial liquid mass remaining with the portion of solids. The remaining liquid
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on the solids is evaporated to dryness, effectively without sublimation of solids. The remaining portion of solids is weighed.
The ratio of the weight of the portion of solids to the weight of the original portion of slurry is the fraction of solids, typically
expressed as a percentage.
[0040] The precipitating reaction carried out in bubble column reactor 20 can cause fouling (i.e., solids build-up) on
the surface of certain rigid structures that contact reaction medium 36. Thus, in one embodiment of the present invention,
it is preferred for bubble column reactor 20 to include substantially no internal heat exchange, stirring, or baffling,
structures in reaction zone 28 because such structures would be prone to fouling. If internal structures are present in
reaction zone 28, it is desirable to avoid internal structures having outer surfaces that include a significant amount of
upwardly facing planar surface area because such upwardly facing planar surfaces would be highly prone to fouling.
Thus, if any internal structures are present in reaction zone 28, it is preferred for less than about 20 percent of the total
upwardly facing exposed outer surface area of such internal structures to be formed by substantially planar surfaces
inclined less than about 15 degrees from horizontal.
[0041] Referring again to FIG. 1, the physical configuration of bubble column reactor 20 helps provide for optimized
oxidation of the oxidizable compound (para-xylene) with minimal impurity generation. It is preferred for elongated reaction
section 24 of vessel shell 22 to include a substantially cylindrical main body 46 and a lower head 48. The upper end of
reaction zone 28 is defined by a horizontal plane 50 extending across the top of cylindrical main body 46. A lower end
52 of reaction zone 28 is defined by the lowest internal surface of lower head 48. Typically, lower end 52 of reaction
zone 28 is located proximate the opening for slurry outlet 38. Thus, elongated reaction zone 28 defined within bubble
column reactor 20 has a maximum length "L" measured from the top end 50 to the bottom end 52 of reaction zone 28
along the axis of elongation of cylindrical main body 46. The length "L" of reaction zone 28 is preferably in the range of
from about 10 to about 100 meters, more preferably in the range of from about 20 to about 75 meters, and most preferably
in the range of from 25 to 50 meters. Reaction zone 28 has a maximum diameter (width) "D" that is typically equal to
the maximum interval diameter of cylindrical main body 46. The maximum diameter "D" of reaction zone 28 is preferably
in the range of from about 1 to about 12 meters, more preferably in the range of from about 2 to about 10 meters, still
more preferably in the range of from about 3.1 to about 9 meters, and most preferably in the range of from 4 to 8 meters.
In a preferred embodiment of the present inventions, reaction zone 28 has a length-to-diameter "L:D" ratio in the range
of from about 6:1 to about 30:1. Still more preferably, reaction zone 28 has an L:D ratio in the range of from about 8:1
to about 20:1. Most preferably, reaction zone 28 has an L:D ratio in the range of from 9:1 to 15:1.
[0042] As discussed above, reaction zone 28 of bubble column reactor 20 receives multi-phase reaction medium 36.
Reaction medium. 36 has a bottom end coincident with lower end 52 of reaction zone 28 and, a top end located at upper
surface 44. Upper surface 44 of reaction medium 36 is defined along a horizontal plane that cuts through reaction zone
28 at a vertical location where the contents of reaction zone 28 transitions from a gas-phase-continuous state to a liquid-
phase-continuous state. Upper surface 44 is preferably positioned at the vertical location where the local time-averaged
gas hold-up of a thin horizontal slice of the contents of reaction zone 28 is 0.9.
[0043] Reaction medium 36 has a maximum height "H" measured between its upper and lower ends. The maximum
width "W" of reaction medium 36 is typically equal to the maximum diameter "D" of cylindrical main body 46. During
liquid-phase oxidation in bubble column reactor 20, it is preferred that H is maintained at about 60 to about 120 percent
of L, more preferably about 80 to about 110 percent of L, and most preferably 85 to 100 percent of L. Reaction medium
36 has a height-to-width "H:W" ratio of at least 3:1. More preferably, reaction medium 36 has an H:W ratio in the range
of from 7:1 to 25:1. Still more preferably, reaction medium 36 has an H:W ratio in the range of from 8:1 to 20:1. Most
preferably, reaction medium 36 has an H:W ratio in the range of from 9:1 to 15:1. In, one embodiment of the invention,
L=H and D=W so that various dimensions or ratios provide herein for L and D also apply to H and W, and vice-versa.
[0044] The relatively high L:D and H:W ratios provided in accordance with an embodiment of the invention can contribute
to several important advantages of the inventive system. As discussed in further detail below, it has been discovered
that higher L:D and H:W ratios, as well as certain other features discussed below, can promote beneficial vertical gradients
in the concentrations of molecular oxygen and/or the oxidizable compound (para-xylene) in reaction medium 36. Contrary
to conventional wisdom, which would favor a well-mixed reaction medium with relatively uniform concentrations through-
out, it has been discovered that the vertical staging of the oxygen and/or the oxidizable compound concentrations
facilitates a more effective and economical oxidation reaction. Minimizing the oxygen and oxidizable compound con-
centrations near the top of reaction medium 36 can help avoid loss of unreacted oxygen and unreacted oxidizable
compound through upper gas outlet 40. However, if the concentrations of oxidizable compound and unreacted oxygen
are low throughout reaction medium 36, then the rate and/or selectivity of oxidation are reduced. Thus, it is preferred
for the concentrations of molecular oxygen and/or the oxidizable compound to be significantly higher near the bottom
of reaction medium 36 than near the top of reaction medium 36.
[0045] In addition, high L:D and H:W ratios cause the pressure at the bottom of reaction medium 36 to be substantially
greater than the pressure at the top of reaction medium 36. This vertical pressure gradient is a result of the height and
density of reaction medium 36. One advantage of this vertical pressure gradient is that the elevated pressure at the
bottom of the vessel drives more oxygen solubility and mass transfer than would otherwise be achievable at comparable
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temperatures and overhead pressures in shallow reactors. Thus, the oxidation reaction can be carried out at lower
temperatures than would be required in a shallower vessel. When bubble column reactor 20 is used for the partial
oxidation of para-xylene to crude terephthalic acid (CTA), the ability to operate at lower reaction temperatures with the
same or better oxygen mass transfer rates has a number of advantages. For example, low temperature oxidation of
para-xylene reduces the amount of solvent burned during the reaction. As discussed in further detail below, low tem-
perature oxidation also favors the formation of small, high surface area, loosely bound, easily dissolved CTA particles,
which can be subjected to more economical purification techniques than the large, low surface area, dense CTA particles
produced by conventional high temperature oxidation processes.
[0046] During oxidation in reactor 20, it is preferred for the time-averaged and volume-averaged temperature of reaction
medium 36 to be maintained in the range of from about 125 to about 200°C, more preferably in the range of from about
140 to about 180°C, and most preferably in the range of from 150 to 170°C. The overhead pressure above reaction
medium 36 is preferably maintained in the range of from about 1 to about 20 bar gauge (barg), more preferably in the
range of from about 2 to about 12 barg, and most preferably in the range of from 4 to 8 barg. Preferably, the pressure
difference between the top of reaction medium 36 and the bottom of reaction medium 36 is in the range of from about
0.4 to about 5 bar, more preferably the pressure difference is in the range of from about 0.7 to about 3 bars, and most
preferably the pressure difference is 1 to 2 bar. Although it is generally preferred for the overhead pressure above
reaction medium 36 to be maintained at a relatively constant value, one embodiment of the present invention contemplates
pulsing the overhead pressure to facilitate improved mixing and/or mass transfer in reaction medium 36. When the
overhead pressure is pulsed, it is preferred for the pulsed pressures to range between about 60 to about 140 percent
of the steady-state overhead pressure recited herein, more preferably between about 85 and about 115 percent of the
steady-state overhead pressure recited herein, and most preferably between 95 and 105 percent of the steady-state
overhead pressure recited herein.
[0047] A further advantage of the high L:D ratio of reaction zone 28 is that it can contribute to an increase in the
average superficial velocity of reaction medium 36. The term "superficial velocity" and "superficial gas velocity", as used
herein with reference to reaction medium 36, shall denote the volumetric flow rate of the gas phase of reaction medium
36 at an elevation in the reactor divided by the horizontal cross-sectional area of the reactor at that elevation. The
increased superficial velocity provided by the high L:D ratio of reaction zone 28 can promote local mixing and increase
the gas hold-up of reaction medium 36. The time-averaged superficial velocities of reaction medium 36 at one-quarter
height, half height, and/or three-quarter height of reaction medium 36 are preferably greater than about 0.3 meters per
second, more preferably in the range of from about 0.8 to about 5 meters per second, still more preferably in the range
of from about 0.9 to about 4 meters per second, and most preferably in the range of from 1 to 3 meters per second.
[0048] Referring again to FIG. 1, disengagement section 26 of bubble column reactor 20 is simply a widened portion
of vessel shell 22 located immediately above reaction section 24. Disengagement section 26 reduces the velocity of the
upwardly-flowing gas phase in bubble column reactor 20 as the gas phase rises above the upper surface 44 of reaction
medium 36 and approaches gas outlet 40. This reduction in the upward velocity of the gas phase helps facilitate removal
of entrained liquids and/or solids in the upwardly flowing gas phase and thereby reduces undesirable loss of certain
components present in the liquid phase of reaction medium 36.
[0049] Disengagement section 26 preferably includes a generally frustoconical transition wall 54, a generally cylindrical
broad sidewall 56, and an upper head 58. The narrow lower end of transition wall 54 is coupled to the top of cylindrical
main body 46 of reaction section 24. The wide upper end of transition wall 54 is coupled to the bottom of broad sidewall
56. It is preferred for transition wall 54 to extend upwardly and outwardly from its narrow lower end at an angle in the
range of from about 10 to about 70 degrees from vertical, more preferably in the range of about 15 to about 50 degrees
from vertical, and most preferably in the range of from 15 to 45 degrees from vertical. Broad sidewall 56 has a maximum
diameter "X" that is generally greater than the maximum diameter "D" of reaction section 24, though when the upper
portion of reaction section 24 has a smaller diameter than the overall maximum diameter of reaction section 24, then X
may actually be smaller than D. In a preferred embodiment of the present invention, the ratio of the diameter of broad
sidewall 56 to the maximum diameter of reaction section 24 "X:D" is in the range of from about 0.8:1 to about 4:1, most
preferably in the range of from 1.1:1 to 2:1. Upper head 58 is coupled to the top of broad sidewall 56. Upper head 58 is
preferably a generally elliptical head member defining a central opening that permits gas to escape disengagement zone
30 via gas outlet 40. Alternatively, upper head 58 may be of any shape, including conical. Disengagement zone 30 has
a maximum height "Y" measured from the top 50 of reaction zone 28 to the upper most portion of disengagement zone
30. The ratio of the length of reaction zone 28 to the height of disengagement zone 30 "L:Y" is preferably in the range
of from about 2:1 to about 24:1, more preferably in the range of from about 3:1 to about 20:1, and most preferably in the
range of from 4:1 to 16:1.
[0050] Referring now to FIGS. 1-5, the location and configuration of oxidant sparger 34 will now be discussed in greater
detail. FIGS. 2 and 3 show that oxidant sparger 34 includes a ring member 60, a cross-member 62, and a pair of oxidant
entry conduits 64a,b. Conveniently, these oxidant entry conduits 64a,b can enter the vessel at an elevation above the
ring member 60 and then turn downwards as shown in FIGS. 2 and 3. Alternatively, an oxidant entry conduit 64a,b may
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enter the vessel below the ring member 60 or on about the same horizontal plane as ring member 60. Each oxidant
entry conduit 64a,b includes a first end coupled to a respective oxidant inlet 66a,b formed in the vessel shell 22 and a
second end fluidly coupled to ring member 60. Ring member 60 is preferably formed of conduits, more preferably of a
plurality of straight conduit sections, and most preferably a plurality of straight pipe sections, rigidly coupled to one
another to form a tubular polygonal ring. Preferably, ring member 60 is formed of at least 3 straight pipe sections, more
preferably 6 to 10 pipe sections, and most preferably 8 pipe sections. Accordingly, when ring member 60 is formed of
8 pipe sections, it has a generally octagonal configuration. Cross-member 62 is preferably formed of a substantially
straight pipe section that is fluidly coupled to and extends diagonally between opposite pipe sections of ring member
60. The pipe section used for cross-member 62 preferably has substantially the same diameter as the pipe sections
used to form ring member 60. It is preferred for the pipe sections that make up oxidant entry conduits 64a,b, ring member
60, and cross-member 62 to have a nominal diameter greater than about 0.1 meter, more preferable in the range of
from about 0.2 to about 2 meters, and most preferably in the range of from 0.25 to 1 meters. As perhaps best illustrated
in FIG. 3, ring member 60 and cross-member 62 each present a plurality of upper oxidant openings 68 for discharging
the oxidant stream upwardly into reaction zone 28. As perhaps best illustrated in FIG. 4, ring member 60 and/or cross-
member 62 can present one or more lower oxidant openings 70 for discharging the oxidant stream downwardly into
reaction zone 28. Lower oxidant openings 70 can also be used to discharge liquids and/or solids that might intrude within
ring member 60 and/or cross-member 62. In order to prevent solids from building up inside oxidant sparger 34, a liquid
stream can be continuously or periodically passed through sparger 34 to flush out any accumulated solids.
[0051] Referring again to FIGS. 1-4, during oxidation in bubble column reactor 20, oxidant streams are forced through
oxidant inlets 66a,b and into oxidant entry conduits 64a,b, respectively. The oxidant streams are then transported via
oxidant entry conduits 64a,b to ring member 60. Once the oxidant stream has entered ring member 60, the oxidant
stream is distributed throughout the internal volumes of ring member 60 and cross-member 62. The oxidant stream is
then forced out of oxidant sparger 34 and into reaction zone 28 via upper and lower oxidant openings 68,70 of ring
member 60 and cross-member 62.
[0052] The outlets of upper oxidant openings 68 are laterally spaced from one another and are positioned at substantially
the same elevation in reaction zone 28. Thus, the outlets of upper oxidant openings 68 are generally located along a
substantially horizontal plane defined by the top of oxidant sparger 34. The outlets of lower oxidant openings 70 are
laterally spaced from one another and are positioned at substantially the same elevation in reaction zone 28. Thus, the
outlets of lower oxidant openings 70 are generally located along a substantially horizontal plane defined by the bottom
of oxidant sparger 34.
[0053] In one embodiment of the present invention, oxidant sparger 34 has at least about 20 upper oxidant openings
68 formed therein. More preferably, oxidant sparger 34 has in the range of from about 40 to about 800 upper oxidant
openings formed therein. Most preferably, oxidant sparger 34 has in the range of from 60 to 400 upper oxidant openings
68 formed therein. Oxidant sparger 34 preferably has at least about 1 lower oxidant opening 70 formed therein. More
preferably, oxidant sparger 34 has in the range of from about 2 to about 40 lower oxidant openings 70 formed therein.
Most preferably, oxidant sparger 34 has in the range of from 8 to 20 lower oxidant openings 70 formed therein. The ratio
of the number of upper oxidant openings 68 to lower oxidant openings 70 in oxidant sparger 34 is preferably in the range
of from about 2:1 to about 100:1, more preferably in the range of from about 5:1 to about 25:1, and most preferably in
the range of from 8:1 to 15:1. The diameters of substantially all upper and lower oxidant openings 68,70 are preferably
substantially the same, so that the ratio of the volumetric flow rate of the oxidant stream out of upper and lower openings
68,70 is substantially the same as the ratios, given above, for the relative number of upper and lower oxidant openings
68,70.
[0054] FIG. 5 illustrates the direction of oxidant discharge from upper and lower oxidant openings 68,70. With reference
to upper oxidant openings,68, it is preferred for at least a portion of upper oxidant openings 68 to discharge the oxidant
stream in at an angle "A" that is skewed from vertical. It is preferred for the percentage of upper oxidant openings 68
that are skewed from vertical by angle "A" to be in the range of from about 30 to about 90 percent, more preferably in
the range of from about 50 to about 80 percent, still more preferably in the range of from 60 to 75 percent, and most
preferably about 67 percent. The angle "A" is preferably in the range of from about 5 to about 60 degrees, more preferably
in the range of from about 10 to about 45 degrees, and most preferably in the range of from 15 to 30 degrees. As for
lower oxidant openings 70, it is preferred that substantially all of lower oxidant openings 70 are located near the bottom-
most portion of the ring member 60 and/or cross-member 62. Thus, any liquids and/or solids that may have unintentionally
entered oxidant sparger 34 can be readily discharged from oxidant sparger 34 via lower oxidant openings 70. Preferably,
lower oxidant openings 70 discharge the oxidant stream downwardly at a substantially vertical angle. For purposes of
this description, an upper oxidant opening can be any opening that discharges an oxidant stream in a generally upward
direction (i.e., at an angle above horizontal), and a lower oxidant opening can be any opening that discharges an oxidant
stream in a generally downward direction (i.e., at an angle below horizontal).
[0055] In many conventional bubble column reactors containing a multi-phase reaction medium, substantially all of
the reaction medium located below the oxidant sparger (or other mechanism for introducing the oxidant stream into the
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reaction zone) has a very low gas hold-up value. As known in the art, "gas hold-up" is simply the volume fraction of a
multi-phase medium that is in the gaseous state. Zones of low gas hold-up in a medium can also be referred to as
"unaerated" zones. In many conventional slurry bubble column reactors, a significant portion of the total volume of the
reaction medium is located below the oxidant sparger (or other mechanism for introducing the oxidant stream into the
reaction zone). Thus, a significant portion of the reaction medium present at the bottom of conventional bubble column
reactors is unaerated.
[0056] It has been discovered that minimizing the amount of unaerated zones in a reaction medium subjected to
oxidization in a bubble column reactor can minimize the generation of certain types of undesirable impurities. Unaerated
zones of a reaction medium contain relatively few oxidant bubbles. This low volume of oxidant bubbles reduces the
amount of molecular oxygen available for dissolution into the liquid phase of the reaction medium. Thus, the liquid phase
in an unaerated zone of the reaction medium has a relatively low concentration of molecular oxygen. These oxygen-
starved, unaerated zones of the reaction medium have a tendency to promote undesirable side reactions, rather than
the desired oxidation reaction. For example, when para-xylene is partially oxidized to form terephthalic acid, insufficient
oxygen availability in the liquid phase of the reaction medium can cause the formation of undesirably high quantities of
benzoic acid and coupled aromatic rings, notably including highly undesirable colored molecules known as fluorenones
and anthraquinones.
[0057] In accordance with one embodiment of the present invention, liquid-phase oxidation is carried out in a bubble
column reactor configured and operated in a manner such that the volume fraction of the reaction medium with low gas
hold-up values is minimized. This minimization of unaerated zones can be quantified by theoretically partitioning the
entire volume of the reaction medium into 2,000 discrete horizontal slices of uniform volume. With the exception of the
highest and lowest horizontal slices, each horizontal slice is a discrete volume bounded on its sides by the sidewall of
the reactor and bounded on its top and bottom by imaginary horizontal planes. The highest horizontal slice is bounded
on its bottom by an imaginary horizontal plane and on its top by the upper surface of the reaction medium. The lowest
horizontal slice is bounded on its top by an imaginary horizontal plane and on its bottom by the lower end of the vessel.
Once the reaction medium has been theoretically partitioned into 2,000 discrete horizontal slices of equal volume, the
time-averaged and volume-averaged gas hold-up of each horizontal slice can be determined. When this method of
quantifying the amount of unaerated zones is employed, it is preferred for the number of horizontal slices having a time-
averaged and volume-averaged gas hold-up less than 0.1 to be less than 30, more preferably less than 15, still more
preferably less than 6, even more preferably less than 4, and most preferably less than 2. It is preferred for the number
of horizontal slices having a gas hold-up less than 0.2 to be less than 80, more preferably less than 40, still more
preferably less than 20, even more preferably less than 12, and most preferably less than 5. It is preferred for the number
of horizontal slices having a gas hold-up less than 0.3 to be less than 120, more preferably less than 80, still more
preferably less than 40, even more preferably less than 20, and most preferably less than 15.
[0058] Referring again to FIGS. 1 and 2, it has been discovered that positioning oxidant sparger 34 lower in reaction
zone 28 provides several advantages, including reduction of the amount of unaerated zones in reaction medium 36.
Given a height "H" of reaction medium 36, a length "L" of reaction zone 28, and a maximum diameter "D" of reaction
zone 28, it is preferred for a majority (i.e., >50 percent by weight) of the oxidant stream to be introduced into reaction
zone 28 within 0.25D of lower end 52 of reaction zone 28. More preferably, a majority of the oxidant stream is introduced
into reaction zone 28 within 0.2D of lower end 52 of reaction zone 28. Most preferably, a majority of the oxidant stream
is introduced into reaction zone 28 within 0.15D of lower end 52 of reaction zone 28.
[0059] In the embodiment illustrated in FIG. 2, the vertical distance "Y1" between lower end 52 of reaction zone 28
and the outlet of upper oxidant openings 68 of oxidant sparger 34 is less than 0.25D, so that substantially all of the
oxidant stream enters reaction zone 28 within 0.25D of lower end 52 of reaction zone 28. More preferably, Y1 is less
than 0.2D. Most preferably, Y1 is less than 0.15D, but more than 0.06D. FIG. 2 illustrates a tangent line 72 at the location
where the bottom edge of cylindrical main body 46 of vessel shell 22 joins with the top edge of elliptical lower head 48
of vessel shell 22. Alternatively, lower head 48 can be of any shape, including conical, and the tangent line is still defined
as the bottom edge of cylindrical main body 46. The vertical distance "Y2" between tangent line 72 and the top of oxidant
sparger 34 is preferably at least 0.01D; more preferably at least 0.05D; and most preferably at least 0.1D. The vertical
distance "Y3" between lower end 52 of reaction zone 28 and the outlet of lower oxidant openings 70 of oxidant sparger
34 is preferably less than 0.15D; more preferably less than 0.1D; and most preferably less than 0.075D, but more than
0.025D.
[0060] In a preferred embodiment of the present invention, the openings that discharge the oxidant stream and the
feed stream into the reaction zone are configured so that the amount (by weight) of the oxidant or feed stream discharged
from an opening is directly proportional to the open area of the opening. Thus, for example, if 50 percent of the cumulative
open area defined by all oxidants openings is located within 0.15D of the bottom of the reaction zone, then 50 weight
percent of the oxidant stream enters the reaction zone within 0.15D of the bottom of the reaction zone and vice-versa.
[0061] In addition to the advantages provided by minimizing unaerated zones (i.e., zones with low gas hold-up) in
reaction medium 36, it has been discovered that oxidation can be enhanced by maximizing the gas hold-up of the entire
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reaction medium 36. Reaction medium 36 preferably has time-averaged and volume-averaged gas hold-up of at least
0.4, more preferably in the range of from 0.6 to about 0.9, and most preferably in the range of from 0.65 to 0.85. Several
physical and operational attributes of bubble column reactor 20 contribute to the high gas hold-up discussed above. For
example, for a given reactor size and flow of oxidant stream, the high L:D ratio of reaction zone 28 yields a lower diameter
which increases the superficial velocity in reaction medium 36 which in turn increases gas hold-up. Additionally, the
actual diameter of a bubble column and the L:D ratio are known to influence the average gas hold-up even for a given
constant superficial velocity. In addition, the minimization of unaerated zones, particularly in the bottom of reaction zone
28, contributes to an increased gas hold-up value. Further, the overhead pressure and mechanical configuration of the
bubble column reactor can affect operating stability at the high superficial velocities and gas hold-up values disclosed
herein.
[0062] Furthermore, the inventors have discovered the importance of operating with an optimized overhead pressure
to obtain increased gas hold-up and increased mass transfer. It might seem that operating with a lower overhead pressure,
which reduces the solubility of molecular oxygen according to a Henry’s Law effect, would reduce the mass transfer rate
of molecular oxygen from gas to liquid. In a mechanically agitated vessel, such is typically the case because aeration
levels and mass transfer rates are dominated by agitator design and overhead pressure. However, in a bubble column
reactor, it has been discovered how to use a lower overhead pressure to cause a given mass of gas-phase oxidant
stream to occupy more volume, increasing the superficial velocity in reaction medium 36 and in turn increasing the gas
hold-up and transfer rate of molecular oxygen.
[0063] The balance between bubble coalescence and breakup is an extremely complicated phenomenon, leading on
the one hand to a tendency to foam, which reduces internal circulation rates of the liquid phase and which may require
very, very large disengaging zones, and on the other hand to a tendency to fewer, very large bubbles that give a lower
gas hold-up and lower mass transfer rate from the oxidant stream to the liquid phase. Concerning the liquid phase, its
composition, density, viscosity and surface tension, among other factors, are known to interact in a very complicated
manner to produce very complicated results even in the absence of a solid-phase. For example, laboratory investigators
have found it useful to qualify whether "water" is tap water, distilled water, or de-ionized water, when reporting and
evaluating observations for even simple water-air bubble columns. For complex mixtures in the liquid phase and for the
addition of a solid phase, the degree of complexity rises further. The surface irregularities of individual particles of solids,
the average size of solids, the particle size distribution, the amount of solids relative to the liquid phase, and the ability
of the liquid to wet the surface of the solid, among other things, are all important in their interaction with the liquid phase
and the oxidant stream in establishing what bubbling behavior and natural convection flow patterns will result.
[0064] Thus, the ability of the bubble column reactor to function usefully with the high superficial velocities and high
gas hold-up disclosed herein depends, for example, on an appropriate selection of: (1) the composition of the liquid
phase of the reaction medium; (2) the amount and type of precipitated solids, both of which can be adjusted by reaction
conditions; (3) the amount of oxidant stream fed to the reactor; (4) the overhead pressure, which affects the volumetric
flow of oxidant stream, the stability of bubbles, and, via the energy balance, the reaction temperature; (5) the reaction
temperature itself, which affects the fluid properties, the properties of precipitated solids, and the specific volume of the
oxidant stream; and (6) the geometry and mechanical details of the reaction vessel, including the L:D ratio.
[0065] Referring again to FIG. 1, it has been discovered that improved distribution of the oxidizable compound (para-
xylene) in reaction medium 36 can be provided by introducing the liquid-phase feed stream into reaction zone 28 at
multiple vertically-spaced locations. Preferably, the liquid-phase feed stream is introduced into reaction zone 28 via at
least 3 feed openings, more preferably at least 4 feed openings. As used herein, the term "feed openings" shall denote
openings where the liquid-phase feed stream is discharged into reaction zone 28 for mixing with reaction medium 36.
It is preferred for at least 2 of the feed openings to be vertically-spaced from one another by at least 0.5D, more preferably
at least 1.5D, and most preferably at least 3D. However, it is preferred for the highest feed opening to be vertically-
spaced from the lowest oxidant opening by not more than about 0.75H, 0.65L, and/or 8D; more preferably not more than
about 0.5H, 0.4L, and/or 5D; and most preferably not more than 0.4H, 0.35L, and/or 4D.
[0066] Although it is desirable to introduce the liquid-phase feed stream at multiple vertical locations, it has also been
discovered that improved distribution of the oxidizable compound in reaction medium 36 is provided if the majority of
the liquid-phase feed stream is introduced into the bottom half of reaction medium 36 and/or reaction zone 28. Preferably,
at least about 75 weight percent of the liquid-phase feed stream is introduced into the bottom half of reaction medium
36 and/or reaction zone 28. Most preferably, at least 90 weight percent of the liquid-phase feed stream is introduced
into the bottom half of reaction medium 36 and/or reaction zone 28. In addition, it is preferred for at least about 30 weight
percent of the liquid-phase feed stream to be introduced into reaction zone 28 within about 1.5D of the lowest vertical
location where the oxidant stream is introduced into reaction zone 28. This lowest vertical location where the oxidant
stream is introduced into reaction zone 28 is typically at the bottom of oxidant sparger; however, a variety of alternative
configurations for introducing the oxidant stream into reaction zone 28 are contemplated by a preferred embodiment of
the present invention. Preferably, at least about 50 weight percent of the liquid-phase feed is introduced within about
2.5D of the lowest vertical location where the oxidant stream is introduced into reaction zone 28. Preferably, at least
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about 75 weight percent of the liquid-phase feed stream is introduced within about 5D of the lowest vertical location
where the oxidant stream is introduced into reaction zone 28.
[0067] Each feed opening defines an open area through which the feed is discharged. It is preferred that at least about
30 percent of the cumulative open area of all the feed inlets is located within about 1.5D of the lowest vertical location
where the oxidant stream is introduced into reaction zone 28. Preferably, at least about 50 percent of the cumulative
open area of all the feed inlets is located within about 2.5D of the lowest vertical location where the oxidant stream is
introduced into reaction zone 28. Preferably, at least about 75 percent of the cumulative open area of all the feed inlets
is located within about 5D of the lowest vertical location where the oxidant stream is introduced into reaction zone 28.
[0068] Referring again to FIG. 1, in one embodiment of the present invention, feed inlets 32a,b,c,d are simply a series
of vertically-aligned openings along one side of vessel shell 22. These feed openings preferably have substantially
similar diameters of less than about 7 centimeters, more preferably in the range of from about 0.25 to about 5 centimeters,
and most preferably in the range of from 0.4 to 2 centimeters. Bubble column reactor 20 is preferably equipped with a
system for controlling the flow rate of the liquid-phase feed stream out of each feed opening. Such flow control system
preferably includes an individual flow control valve 74a,b,c,d for each respective feed inlet 32a,b,c,d. In addition, it is
preferred for bubble column reactor 20 to be equipped with a flow control system that allows at least a portion of the
liquid-phase feed stream to be introduced into reaction zone 28 at an elevated inlet superficial velocity of at least about
2 meters per second, more preferably at least about 5 meters per second, still more preferably at least- about 6 meters
per second, and most preferably in the range of from 8 to 20 meters per second. As used herein, the term "inlet superficial
velocity" denotes the time-averaged volumetric flow rate of the feed stream out of the feed opening divided by the area
of the feed opening. Preferably, at least about 50 weight percent of the feed stream is introduced into reaction zone 28
at an elevated inlet superficial velocity. Most preferably, substantially all the feed stream is introduced into reaction zone
28 at an elevated inlet superficial velocity.
[0069] Referring now to FIGS. 6-7, an alternative system for introducing the liquid-phase feed stream into reaction
zone 28 is illustrated. In this embodiment, the feed stream is introduced into reaction zone 28 at four different elevations.
Each elevation is equipped with a respective feed distribution system 76a,b,c,d. Each feed distribution system 76 includes
a main feed conduit 78 and a manifold 80. Each manifold 80 is provided with at least two outlets 82,84 coupled to
respective insert conduits 86,88, which extend into reaction zone 28 of vessel shell 22. Each insert conduit 86,88 presents
a respective feed opening 87,89 for discharging the feed stream into reaction zone 28. Feed openings 87,89 preferably
have substantially similar diameters of less than about 7 centimeters, more preferably in the range of from about 0.25
to about 5 centimeters, and most preferably in the range of from 0.4 to 2 centimeters. It is preferred for feed openings
87,89 of each feed distribution system 76a,b,c,d to be diametrically opposed so as to introduce the feed stream into
reaction zone 28 in opposite directions. Further, it is preferred for the diametrically opposed feed openings 86,88 of
adjacent feed distribution systems 76 to be oriented at 90 degrees of rotation relative to one another. In operation, the
liquid-phase feed stream is charged to main feed conduit 78 and subsequently enters manifold 80. Manifold 80 distributes
the feed stream evenly for simultaneous introduction on opposite sides of reactor 20 via feed openings 87,89.
[0070] FIG. 8 illustrates an alternative configuration wherein each feed distribution system 76 is equipped with bayonet
tubes 90,92 rather than insert conduits 86,88 (shown in FIG. 7). Bayonet tubes 90,92 project into reaction zone 28 and
include a plurality of small feed openings 94,96 for discharging the liquid-phase feed into reaction zone 28. It is preferred
for the small feed openings 94,96 of bayonet tubes 90,92 to have substantially the same diameters of less than about
50 millimeters, more preferably about 2 to about 25 millimeters, and most preferably 4 to 15 millimeters.
[0071] FIGS. 9-11 illustrate an alternative feed distribution system 100. Feed distribution system 100 introduces the
liquid-phase feed stream at a plurality of vertically-spaced and laterally-spaced locations without requiring multiple
penetrations of the sidewall of bubble column reactor 20. Feed introduction system 100 generally includes a single inlet
conduit 102, a header 104, a plurality of upright distribution tubes 106, a lateral support mechanism 108, and a vertical
support mechanism 110. Inlet conduit 102 penetrates the sidewall of main body 46 of vessel shell 22. Inlet conduit 102
is fluidly coupled to header 104. Header 104 distributes the feed stream received from inlet conduit 102 evenly among
upright distribution tubes 106. Each distribution tube 106 has a plurality of vertically-spaced feed openings 112a,b,c,d
for discharging the feed stream into reaction zone 28. Lateral support mechanism 108 is coupled to each distribution
tube 106 and inhibits relative lateral movement of distribution tubes 106. Vertical support mechanism 110 is preferably
coupled to lateral support mechanism 108 and to the top of oxidant sparger 34. Vertical support mechanism 110 sub-
stantially inhibits vertical movement of distribution tubes 106 in reaction zone 28. It is preferred for feed openings 112
to have substantially the same diameters of less than about 50 millimeters, more preferably about 2 to about 25 millimeters,
and most preferably 4 to 15 millimeters. The vertical spacing of feed openings 112 of feed distribution system 100
illustrated in FIGS. 9-11 can be substantially the same as described above with reference to the feed distribution system
of FIG. 1.
[0072] It has been discovered that the flow patterns of the reaction medium in many bubble column reactors can permit
uneven azimuthal distribution of the oxidizable compound in the reaction medium, especially when the oxidizable com-
pound is primarily introduced along one side of the reaction medium. As used herein, the term "azimuthal" shall denote
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an angle or spacing around the upright axis of elongation of the reaction zone. As used herein, "upright" shall mean
within 45° of vertical. In one embodiment of the present invention, the feed stream containing the oxidizable compound
(e.g., para-xylene) is introduced into the reaction zone via a plurality of azimuthally-spaced feed openings. These azi-
muthally-spaced feed openings can help prevent regions of excessively high and excessively low oxidizable compound
concentrations in the reaction medium. The various feed introduction systems illustrated in FIGS. 6-11 are examples of
systems that provide proper azimuthal spacing of feed openings.
[0073] Referring again to FIG. 7, in order to quantify the azimuthally-spaced introduction of the liquid-phase feed
stream into the reaction medium, the reaction medium can be theoretically partitioned into four upright azimuthal quadrants
"Q1,Q2,Q3,Q4" of approximately equal volume. These azimuthal quadrants "Q1,Q2,Q3,Q4" are defined by a pair of im-
aginary intersecting perpendicular vertical planes "P1,P2" extending beyond the maximum vertical dimension and max-
imum radial dimension of the reaction medium. When the reaction medium is contained in a cylindrical vessel, the line
of intersection of the imaginary intersecting vertical planes P1,P2 will be approximately coincident with the vertical cen-
terline of the cylinder, and each azimuthal quadrant Q1,Q2,Q3,Q4 will be a generally wedge-shaped vertical volume
having a height equal to the height of the reaction medium. It is preferred for a substantial portion of the oxidizable
compound to be discharged into the reaction medium via feed openings located in at least two different azimuthal
quadrants.
[0074] In a preferred embodiment of the present invention, not more than about 80 weight percent of the oxidizable
compound is discharged into the reaction medium through feed openings that can be located in a single azimuthal
quadrant. More preferably, not more than about 60 weight percent of the oxidizable compound is discharged into the
reaction medium through feed openings that can be located in a single azimuthal quadrant. Most preferably, not more
than 40 weight percent of the oxidizable compound is discharged into the reaction medium through feed openings that
can be located in a single azimuthal quadrant. These parameters for azimuthal distribution of the oxidizable compound
are measured when the azimuthal quadrants are azimuthally oriented such that the maximum possible amount of
oxidizable compound is being discharged into one of the azimuthal quadrants. For example, if the entire feed stream is
discharged into the reaction medium via two feed openings that are azimuthally spaced from one another by 89 degrees,
for purposes of determining azimuthal distribution in four azimuthal quadrants, 100 weight percent of the feed stream is
discharged into the reaction medium in a single azimuthal quadrant because the azimuthal quadrants can be azimuthally
oriented in such a manner that both of the feed openings are located in a single azimuthal quadrant.
[0075] In addition to the advantages associated with the proper azimuthal-spacing of the feed openings, it has also
been discovered that proper radial spacing of the feed openings in a bubble column reactor can also be important. It is
preferred for a substantial portion of the oxidizable compound introduced into the reaction medium to be discharged via
feed openings that are radially spaced inwardly from the sidewall of the vessel. Thus, in one embodiment of the present
invention, a substantial portion of the oxidizable compound enters the reaction zone via feed openings located in a
"preferred radial feed zone" that is spaced inwardly from the upright sidewalls defining the reaction zone.
[0076] Referring again to FIG. 7, the preferred radial feed zone "FZ" can take the shape of a theoretical upright cylinder
centered in reaction zone 28 and having an outer diameter "DO" of 0.9D, where "D" is the diameter of reaction zone 28.
Thus, an outer annulus "OA" having a thickness of 0.05D is defined between the preferred radial feed zone FZ and the
inside of the sidewall defining reaction zone 28. It is preferred for little or none of the oxidizable compound to be introduced
into reaction zone 28 via feed openings located in this outer annulus OA.
[0077] In another embodiment, it is preferred for little or none of the oxidizable compound to be introduced into the
center of reaction zone 28. Thus, as illustrated in FIG. 8, the preferred radial feed zone FZ can take the shape of a
theoretical upright annulus centered in reaction zone 28, having an outer diameter Do of 0.9D, and having an inner
diameter D1 of 0.2D. Thus, in this embodiment, an inner cylinder IC having a diameter of 0.2D is "cut out" of the center
of the preferred radial feed zone FZ. It is preferred for little or none of the oxidizable compound to be introduced into
reaction zone 28 via feed openings located in this inner cylinder IC.
[0078] In a preferred embodiment of the present invention, a substantial portion of the oxidizable compound is intro-
duced into reaction medium 36 via feed openings located in the preferred radial feed zone, regardless of whether the
preferred radial feed zone has the cylindrical or annular shape described above. More preferably, at least about 25
weight percent of the oxidizable compound is discharged into reaction medium 36 via feed openings located in the
preferred radial feed zone. Still more preferably, at least about 50 weight percent of the oxidizable compound is discharged
into reaction medium 36 via feed openings located in the preferred radial feed zone. Most preferably, at least 75 weight
percent of the oxidizable compound is discharged into reaction medium 36 via feed openings located in the preferred
radial feed zone.
[0079] Although the theoretical azimuthal quadrants and theoretical preferred radial feed zone illustrated in FIGS. 7
and 8 are described with reference to the distribution of the liquid-phase feed stream, it has been discovered that proper
azimuthal and radial distribution of the gas-phase oxidant stream can also provide certain advantages. Thus, in one
embodiment of the present invention, the description of the azimuthal and radial distribution of the liquid-phase feed
stream, provided above, also applies to the manner in which the gas-phase oxidant stream is introduced into the reaction
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medium 36.
[0080] It is preferred for the oxidant sparger to be physically configured and operated in a manner that minimizes the
pressure drop associated with discharging the oxidant stream out of the flow conduit(s), through the oxidant openings,
and into the reaction zone. Such pressure drop is calculated as the time-averaged static pressure of the oxidant stream
inside the flow conduit at oxidant inlets 66a,b of the oxidant sparger minus the time-averaged static pressure in the
reaction zone at the elevation where one-half of the oxidant stream is introduced above that vertical location and one-
half of the oxidant stream is introduced below that vertical location. In a preferred embodiment of the present invention,
the time-averaged pressure drop associated with discharging the oxidant stream from the oxidant sparger is less than
about 0.3 megapascal (MPa), more preferably less than about 0.2 MPa, still more preferably less than about 0.1 MPa,
and most preferably less than 0.05 MPa. Under the preferred operating conditions of the bubble column reactor described
herein, the pressure of the oxidant stream inside the flow conduit(s) of the oxidant sparger is preferably in the range of
from about 0.35 to about 1 MPa, more preferably in the range of from about 0.45 to about 0.85 MPa, and most preferably
in the range of from 0.5 to 0.7 MPa.
[0081] As alluded to earlier with reference to the oxidant sparger configuration illustrated in FIGS. 2-5, it may be
desirable to continuously or periodically flush the oxidant sparger with a liquid (e.g., acetic acid, water, and/or para-
xylene) to prevent fouling of the oxidant sparger with solids. When such a liquid flush is employed, it is preferred for an
effective amount of the liquid (i.e., not just the minor amount of liquid droplets that might naturally be present in the
oxidant stream) to be passed through the oxidant sparger and out of the oxidant openings for at least one period of more
than one minute each day. When a liquid is continuously or periodically discharged from the oxidant sparger, it is preferred
for the time-averaged ratio of the mass flow rate of the liquid through the oxidant sparger to the mass flow rate of the
molecular oxygen through the oxidant sparger to be in the range of from about 0.05:1 to about 30:1, or in the range of
from about 0.1:1 to about 2:1, or even in the range of from 0.2:1 to 1:1.
[0082] In one embodiment of the present invention, a significant portion of the oxidizable compound (para-xylene) can
be introduced into the reaction zone through the oxidant sparger. In such a configuration, it is preferred for the oxidizable
compound and the molecular oxygen to be discharged from the oxidant sparger through the same openings in the
oxidant sparger. As noted above, the oxidizable compound is typically a liquid at STP. Therefore, in this embodiment,
a two-phase stream may be discharged from the oxidant sparger, with the liquid phase comprising the oxidizable com-
pound and the gas phase comprising the molecular oxygen. It should be recognized, however, that at least a portion of
the oxidizable compound may be in a gaseous state when discharged from the oxidant sparger. In one embodiment,
the liquid phase discharged from the oxidant sparger is formed predominately of the oxidizable compound. In another
embodiment, the liquid phase discharged from the oxidant sparger has substantially the same composition as the feed
stream, described above. When the liquid phase discharged from the oxidant sparger has substantially the same com-
position as the feed stream, such liquid phase may comprise a solvent and/or a catalyst system in the amounts and
ratios described above with reference to the composition of the feed stream.
[0083] In one embodiment of the present invention, it is preferred for at least about 10 weight percent of all the oxidizable
compound introduced into the reaction zone to be introduced via the oxidant sparger, more preferably at least about 40
weight percent of the oxidizable compound is introduced into the reaction zone via the oxidant sparger, and most
preferably at least 80 weight percent of the oxidizable compound is introduced into the reaction zone via the oxidant
sparger. When all or part of the oxidizable compound is introduced into the reaction zone via the oxidant sparger, it is
preferred for at least about 10 weight percent of all the molecular oxygen introduced into the reaction zone to be introduced
via the same oxidant sparger, more preferably at least about 40 weight percent of the oxidizable compound is introduced
into the reaction zone via the same oxidant sparger, and most preferably at least 80 weight percent of the oxidizable
compound is introduced into the reaction zone via the same oxidant sparger. When a significant portion of the oxidizable
compound is introduced into the reaction zone via the oxidant sparger, it is preferred for one or more temperature sensing
devices (e.g., thermocouples) to be disposed in the oxidant sparger. These temperature sensors can be employed to
help to make sure the temperature in the oxidant sparger does not become dangerously high.
[0084] Referring again to FIGS. 1-11, oxidation is preferably carried out in bubble column reactor 20 under conditions
that are markedly different, according to preferred embodiments disclosed herein, than conventional oxidation reactors.
When bubble column reactor 20 is used to carry out the liquid-phase partial oxidation of para-xylene to crude terephthalic
acid (CTA) according to preferred embodiments disclosed herein, the spatial profiles of local reaction intensity, of local
evaporation intensity, and of local temperature combined with the liquid flow patterns within the reaction medium and
the preferred, relatively low oxidation temperatures contribute to the formation of CTA particles having unique and
advantageous properties.
[0085] FIGS. 32A and 32B illustrate base CTA particles produced in accordance with the present invention. FIG. 32A
shows the base CTA particles at 500 times magnification, while FIG. 32B zooms in on one of the base CTA particles
and shows that particle at 2,000 times magnification. As perhaps best illustrated in FIG. 32B, each base CTA particle
is typically formed of a large number of small, agglomerated CTA subparticles, thereby giving the base CTA particle a
relatively high surface area, high porosity, low density, and good dissolvability. The base CTA particles typically have a



EP 1 802 562 B1

16

5

10

15

20

25

30

35

40

45

50

55

mean particle size in the range of from 20 to 150 microns, more preferably in the range of from about 30 to about 120
microns, and most preferably in the range of from 40 to 90 microns. The CTA subparticles typically have a mean particle
size in the range of from about 0.5 to about 30 microns, more preferably from about 1 to about 15 microns, and most
preferably in the range of from 2 to 5 microns. The relatively high surface area of the base CTA particles illustrated in
FIGS. 32A and 32B, can be quantified using a Braunauer-Emmett-Teller (BET) surface area measurement method.
Preferably, the base CTA particles have an average BET surface of 0.6 meters squared per gram (m2/g). More preferably,
the base CTA particles have an average BET surface area in the range of from 0.8 to 4 m2/g. Most preferably, the base
CTA particles have an average BET surface area in the range of from 0.9 to 2 m2/g. The physical properties (e.g., particle
size, BET surface area, porosity, and dissolvability) of the base CTA particles formed by optimized oxidation process of
the present invention permit purification of the CTA particles by more effective and/or economical methods, as described
in further detail below with respect to FIG. 35.
[0086] The mean particle size values provided above were determined using polarized light microscopy and image
analysis. The equipment employed in the particle size analysis included a Nikon E800 optical microscope with a 4x Plan
Flour N.A. 0.13 objective, a Spot RT™ digital camera, and a personal computer running Image Pro Plus™ V4.5.0.19
image analysis software. The particle size analysis method included the following main steps: (1) dispersing the CTA
powders in mineral oil; (2) preparing a microscope slide/cover slip of the dispersion; (3) examining the slide using
polarized light microscopy (crossed polars condition - particles appear as bright objects on black background); (4)
capturing different images for each sample preparation (field size = 3 x 2.25 mm; pixel size = 1.84 microns/pixel); (5)
performing image analysis with Image Pro Plus™ software; (6) exporting the particle measures to a spreadsheet; and
(7) performing statistical characterization in the spreadsheet. Step (5) of "performing image analysis with Image Pro
Plus™ software" included the substeps of: (a) setting the image threshold to detect white particles on dark background;
(b) creating a binary image; (c) running a single-pass open filter to filter out pixel noise; (d) measuring all particles in the
image; and (e) reporting the mean diameter measured for each particle. The Image Pro Plus™ software defines mean
diameter of individual particles as the number average length of diameters of a particle measured at 2 degree intervals
and passing through the particle’s centroid. Step 7 of "performing statistical characterization in the spreadsheet" com-
prises calculating the volume-weighted mean particle size as follows. The volume of each of the n particles in a sample
is calculated as if it were spherical using pi/6 * di^3; multiplying the volume of each particle times its diameter to find pi/6
* di^4; summing for all particles in the sample of the values of pi/6 * di^4; summing the volumes of all particles in the
sample; and calculating the volume-weighted particle diameter as sum for all n particles in the sample of (pi/6 *di^4)
divided by sum for all n particles in the sample of (pi/6 * di^3). As used herein, "mean particle size" refers to the volume-
weighted mean particle size determined according to the above-described test method; and it is also referred to as D(4,3). 

[0087] In addition, step 7 comprises finding the particle sizes for which various fractions of the total sample volume
are smaller. For example, D(v,0.1) is the particle size for which 10 percent of the total sample volume is smaller and 90
percent is larger; D(v,0.5) is the particle size for which one-half of the sample volume is larger and one-half is smaller;
D(v,0.9) is the particle size for which 90 percent of the total sample volume is smaller; and so on. In addition, step 7
comprises calculating the value of D(v,0.9) minus D(v,0.1), which is herein defined as the "particle size spread"; and
step 7 comprises calculating the value of the particle size spread divided by D(4,3), which is herein defined as the
"particle size relative spread."
[0088] Furthermore, it is preferable that the D(v,0.1) of the CTA particles as measured above be in the range from 5
to 65 microns, more preferably in the range from 15 to 55 microns and most preferably in the range from 25 to 45 microns.
It is preferable that the D(v,0.5) of the CTA particles as measured above be in the range from 10 to 90 microns, more
preferably in the range from 20 to 80 microns, and most preferably in the range from 30 to 70 microns. It is preferable
that the D(v,0.9) of the CTA particles as measured above be in the range from 30 to 150 microns, more preferably in
the range from 40 to 130 microns, and most preferably in the range from 50 to 110 microns. It is preferable that the
particle size relative spread be in the range from 0.5 to 2.0, more preferably in the range from 0.6 to 1.5, and most
preferably in the range from 0.7 to 1.3.
[0089] The BET surface area values provided above were measured on a Micromeritics ASAP2000 (available from
Micromeritics Instrument Corporation of Norcross, GA). In the first step of the measurement process, a 2 to 4 gram of
sample of the particles was weighed and dried under vacuum at 50°C. The sample was then placed on the analysis gas
manifold and cooled to 77°K. A nitrogen adsorption isotherm was measured at a minimum of 5 equilibrium pressures
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by exposing the sample to known volumes of nitrogen gas and measuring the pressure decline. The equilibrium pressures
were appropriately in the range of P/P0 = 0.01-0.20, where P is equilibrium pressure and P0 is vapor pressure of liquid
nitrogen at 77°K. The resulting isotherm was then plotted according to the following BET equation: 

where Va is volume of gas adsorbed by sample at P, Vm is volume of gas required to cover the entire surface of the
sample with a monolayer of gas, and C is a constant. From this plot, Vm and C were determined. Vm was then converted
to a surface area using the cross sectional area of nitrogen at 77°K by: 

where σ is cross sectional area of nitrogen at 77°K, T is 77°K, and R is the gas constant.
[0090] As alluded to above, CTA formed in accordance with one embodiment of the present invention exhibits superior
dissolution properties verses conventional CTA made by other processes. This enhanced dissolution rate allows the
inventive CTA to be purified by more efficient and/or more effective purification processes. The following description
addresses the manner in which the rate of dissolution of CTA can quantified.
[0091] The rate of dissolution of a known amount of solids into a known amount of solvent in an agitated mixture can
be measured by various protocols. As used herein, a measurement method called the "timed dissolution test" is defined
as follows. An ambient pressure of about 0.1 megapascal is used throughout the timed dissolution test. The ambient
temperature used throughout the timed dissolution test is about 22°C. Furthermore, the solids, solvent and all dissolution
apparatus are fully equilibrated thermally at this temperature before beginning testing, and there is no appreciable heating
or cooling of the beaker or its contents during the dissolution time period. A solvent portion of fresh, HPLC analytical
grade of tetrahydrofuran (>99.9 percent purity), hereafter THF, measuring 250 grams is placed into a cleaned KIMAX
tall form 400 milliliter glass beaker (Kimble® part number 14020, Kimble / Kontes, Vineland, NJ), which is uninsulated,
smooth-sided, and generally cylindrical in form. A Teflon-coated magnetic stirring bar (VWR part number 58948-230,
about 1-inch long with 3/8-inch diameter, octagonal cross section, VWR International, West Chester, PA 19380) is placed
in the beaker, where it naturally settles to the bottom. The sample is stirred using a Variomag® multipoint 15 magnetic
stirrer (H&P Labortechnik AG, Oberschleissheim, Germany) magnetic stirrer at a setting of 800 revolutions per minute.
This stirring begins no more than 5 minutes before the addition of solids and continues steadily for at least 30 minutes
after adding the solids. A solid sample of crude or purified TPA particulates amounting to 250 milligrams is weighed into
a non-sticking sample weighing pan. At a starting time designated as t=0, the weighed solids are poured all at once into
the stirred THF, and a timer is started simultaneously. Properly done, the THF very rapidly wets the solids and forms a
dilute, well-agitated slurry within 5 seconds. Subsequently, samples of this mixture are obtained at the following times,
measured in minutes from t=0: 0.08, 0.25, 0.50, 0.75, 1.00, 1.50, 2.00, 2.50, 3.00, 4.00, 5.00, 6.00, 8.00, 10.00, 15.00,
and 30.00. Each small sample is withdrawn from the dilute, well-agitated mixture using a new, disposable syringe (Becton,
Dickinson and Co, 5 milliliter, REF 30163, Franklin Lakes, NJ 07417). Immediately upon withdrawal from the beaker,
approximately 2 milliliters of clear liquid sample is rapidly discharged through a new, unused syringe filter (25mm diameter,
0.45 micron, Gelman GHP Acrodisc GF®, Pall Corporation, East Hills, NY 11548) into a new, labeled glass sample vial.
The duration of each syringe filling, filter placement, and discharging into a sample vial is correctly less than about 5
seconds, and this interval is appropriately started and ended within about 3 seconds either side of each target sampling
time. Within about five minutes of each filling, the sample vials are capped shut and maintained at approximately constant
temperature until performing the following chemical analysis. After the final sample is taken at a time of 30 minutes past
t=0, all sixteen samples are analyzed for the amount of dissolved TPA using a HPLC-DAD method generally as described
elsewhere within this disclosure. However, in the present test, the calibration standards and the results reported are
both based upon milligrams of dissolved TPA per gram of THF solvent (hereafter "ppm in THF"). For example, if all of
the 250 milligrams of solids were very pure TPA and if this entire amount fully dissolved in the 250 grams of THF solvent
before a particular sample were taken, the correctly measured concentration would be about 1,000 ppm in THF.
[0092] When CTA according to the present invention is subjected to the timed dissolution test described above, it is
preferred that a sample taken at one minute past t=0 dissolves to a concentration of at least 500 ppm in THF, more
preferably to at least 600 ppm in THF. For a sample taken at two minutes past t=0, it is preferred that CTA according to
the current invention will dissolve to a concentration of at least about 700 ppm in THF, more preferably to at least 750
ppm in THF. For a sample taken at four minutes past t=0, it is preferred that CTA according to the current invention will
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dissolve to a concentration of at least about 840 ppm in THF, more preferably to at least 880 ppm in THF.
[0093] The inventors have found that a relatively simple negative exponential growth model is useful to describe the
time dependence of the entire data set from a complete timed dissolution test, notwithstanding the complexity of the
particulate samples and of the dissolution process. The form of the equation, hereinafter the "timed dissolution model",
is as follows: 

where

t = time in units of minutes;

S = solubility, in units of ppm in THF, at time t;

exp = exponential function in the base of the natural logarithm of 2;

A, B = regressed constants in units of ppm in THF, where A relates mostly to the rapid dissolution of the smaller
particles at very short times, and where the sum of A + B relates mostly to the total amount of dissolution near the
end of the specified testing period; and

C = a regressed time constant in units of reciprocal minutes.

[0094] The regressed constants are adjusted to minimize the sum of the squares of the errors between the actual data
points and the corresponding model values, which method is commonly called a "least squares" fit. A preferred software
package for executing this data regression is JMP Release 5.1.2 (SAS Institute Inc., JMP Software, SAS Campus Drive,
Cary, NC 27513).
[0095] When CTA according to the present invention is tested with the timed dissolution test and fitted to the timed
dissolution model described above; it is preferred for the CTA to have a time constant "C" greater than about 0.5 reciprocal
minutes, more preferably greater than about 0.6 reciprocal minutes, and most preferably greater than 0.7 reciprocal
minutes.
[0096] FIGS. 33A and 33B illustrate a conventional CTA particle made by a conventional high-temperature oxidation
process in a continuous stirred tank reactor (CSTR). FIG. 33A shows the conventional CTA particle at 500 times mag-
nification, while FIG. 33B zooms in and shows the CTA particle at 2,000 times magnification. A visual comparison of the
inventive CTA particles illustrated in FIGS. 32A and 32B and the conventional CTA particle illustrated in FIGS. 33A and
33B shows that the conventional CTA particle has a higher density, lower surface area, lower porosity, and larger particle
size than the inventive CTA particles. In fact, the conventional CTA represented in FIGS. 33A and 33B has a mean
particle size of about 205 microns and a BET surface area of about 0.57 m2/g.
[0097] FIG. 34 illustrates a conventional process for making purified terephthalic acid (PTA). In the conventional PTA
process, para-xylene is partially oxidized in a mechanically agitated high temperature oxidation reactor 700. A slurry
comprising CTA is withdrawn from reactor 700 and then purified in a purification system 702. The PTA product of
purification system 702 is introduced into a separation system 706 for separation and drying of the PTA particles.
Purification system 702 represents a large portion of the costs associated with producing PTA particles by conventional
methods. Purification system 702 generally includes a water addition/exchange system 708, a dissolution system 710,
a hydrogenation system 712, and three separate crystallization vessels 704a,b,c. In water addition/exchange system
708, a substantial portion of the mother liquor is displaced with water. After water addition, the water/CTA slurry is
introduced into the dissolution system 710 where the water/CTA mixture is heated until the CTA particles fully dissolve
in the water. After CTA dissolution, the CTA-in-water solution is subjected to hydrogenation in hydrogenation system
712. The hydrogenated effluent from hydrogenation system 712 is then subjected to three crystallization steps in crys-
tallization vessels 704a,b,c, followed by PTA separation in separation system 706.
[0098] FIG. 35 illustrates an improved process for producing PTA employing a bubble column oxidation reactor 800
configured in accordance with an embodiment of the present invention. An initial slurry comprising solid CTA particles
and a liquid mother liquor is withdrawn from reactor 800. Typically, the initial slurry may contain in the range of from
about 10 to about 50 weight percent solid CTA particles, with the balance being liquid mother liquor. The solid CTA
particles present in the initial slurry typically contain at least about 400 ppmw of 4-carboxybenzaldehyde (4-CBA), more
typically at least about 800 ppmw of 4-CBA, and most typically in the range of from 1,000 to 15,000 ppmw of 4-CBA.
The initial slurry withdrawn from reactor 800 is introduced into a purification system 802 to reduce the concentration of
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4-CBA and other impurities present in the CTA. A purer/purified slurry is produced from purification system 802 and is
subjected to separation and drying in a separation system 804 to thereby produce purer solid terephthalic acid particles
comprising less than about 400 ppmw of 4-CBA, more preferably less than about 250 ppmw of 4-CBA, and most preferably
in the range of from 10 to 200 ppmw of 4-CBA.
[0099] Purification system 802 of the PTA production, system illustrated in FIG. 35 provides a number of advantages
over purification system 802 of the prior art system illustrated in FIG. 34. Preferably, purification system 802 generally
includes a liquor exchange system 806, a digester 808, and a single crystallizer 810. In liquor exchange system 806, at
least about 50 weight percent of the mother liquor present in the initial slurry is replaced with a fresh replacement solvent
to thereby provide a solvent-exchanged slurry comprising CTA particles and the replacement solvent. The solvent-
exchanged slurry exiting liquor exchange system 806 is introduced into digester (or secondary oxidation reactor) 808.
In digester 808, a secondary oxidation reaction is preformed at slightly higher temperatures than were used in the
initial/primary oxidation reaction carried out in bubble column reactor 800. As discussed above, the high surface area,
small particle size, and low density of the CTA particles produced in reactor 800 cause certain impurities trapped in the
CTA particles to become available for oxidation in digester 808 without requiring complete dissolution of the CTA particles
in digester 808. Thus, the temperature in digester 808 can be lower than many similar prior art processes.. The secondary
oxidation carried out in digester 808 preferably reduces the concentration of 4-CBA in the CTA by at least 200 ppmw,
more preferably at least about 400 ppmw, and most preferably in the range of from 600 to 6,000 ppmw. Preferably, the
secondary oxidation temperature in digester 808 is at least 10°C higher than the primary oxidation temperature in bubble
column reactor 800, more preferably 20 to 80°C higher than the primary oxidation temperature in reactor 800, and most
preferably 30 to 50°C higher than the primary oxidation temperature in reactor 800. The secondary oxidation temperature
is preferably in the range of from 160 to 240°C, more preferably in the range of from 180 to 220°C and most preferably
in the range of from 190 to 210°C. The purified product from digester 808 requires only a single crystallization step in
crystallizer 810 prior to separation in separation system 804. Suitable secondary oxidation/digestion techniques are
discussed in further detail in U.S. Pat. App. Pub. No. 2005/0065373.
[0100] Terephthalic acid (e.g., PTA) produced by the system illustrated in FIG. 35 is preferably formed of PTA particles
having a mean particle size of at least about 40 microns, more preferably in the range of from about 50 to about 2,000
microns, and most preferably in the range of from 60 to 200 microns. The PTA particles preferably have an average
BET surface area less than about 0.25 m2/g, more preferably in the range of from about 0.005 to about 0.2 m2/g, and
most preferably in the range of from 0.01 to 0.18 m2/g. PTA produced by the system illustrated in FIG. 35 is suitable for
use as a feedstock in the making of PET. Typically, PET is made via esterification of terephthalic with ethylene glycol,
followed by polycondensation. Preferably, terephthalic acid produced by an embodiment of the present invention is
employed as a feed to the pipe reactor PET process described in U.S. Patent Application Serial No. 10/013,318, filed
December 7, 2001, the entire disclosure of which is incorporated herein by reference.
[0101] CTA particles with the preferred morphology disclosed herein are particularly useful in the above-described
oxidative digestion process for reduction of 4-CBA content. In addition, these preferred CTA particles provide advantages
in a wide range of other post-processes involving dissolution and/or chemical reaction of the particles. These additional
post-processes include, but are not limited too, reaction with at least one hydroxyl-containing compound to form ester
compounds, especially the reaction of CTA with methanol to form dimethyl terephthalate and impurity esters; reaction
with at least one diol to form ester monomer and/or polymer compounds, especially the reaction of CTA with ethylene
glycol to form polyethylene terephthalate (PET); and full or partial dissolution in solvents, including, but not limited too,
water, acetic acid, and N-methyl-2-pyrrolidone, which may include further processing, including, but not limited too,
reprecipitation of a more pure terephthalic acid and/or selective chemical reduction of carbonyl groups other than car-
boxylic acid groups. Notably included is the substantial dissolution of CTA in a solvent comprising water coupled with
partial hydrogenation that reduces the amount of aldehydes, especially 4-CBA, fluorenones, phenones, and/or anthraqui-
nones.
[0102] The inventors also contemplate that CTA particles having the preferred properties disclosed herein can be
produced from CTA particles not conforming to the preferred properties disclosed herein (non-conforming CTA particles)
by means including, but not limited too, mechanical comminution of non-conforming CTA particles and full or partial
dissolution of non-conforming CTA particles followed by full or partial re-precipitation.
[0103] In accordance with one embodiment of the present invention, there is provided a process for partially oxidizing
an oxidizable aromatic compound to one or more types of aromatic carboxylic acid wherein the purity of the solvent
portion of the feed (i.e., the "solvent feed") and the purity of the oxidizable compound portion of the feed (i.e., the
"oxidizable compound feed") are controlled within certain ranges specified below. Along with other embodiments of the
present invention, this enables the purity of the liquid phase and, if present, the solid phase and the combined slurry
(i.e., solid plus liquid) phase of the reaction medium to be controlled in certain preferred ranges, outlined below.
[0104] With respect to the solvent feed, it is known to oxidize an oxidizable aromatic compound(s) to produce an
aromatic carboxylic acid wherein the solvent feed introduced into the reaction medium is a mixture of analytical-purity
acetic acid and water, as is often employed at laboratory scale and pilot scale. Likewise, it is known to conduct the
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oxidation of oxidizable aromatic compound to aromatic carboxylic acid wherein the solvent leaving the reaction medium
is separated from the produced aromatic carboxylic acid and then recycled back to the reaction medium as feed solvent,
primarily for reasons of manufacturing cost. This solvent recycling causes certain feed impurities and process by-products
to accumulate over time in the recycled solvent. Various means are known in the art to help purify recycled solvent
before reintroduction into the reaction medium. Generally, a higher degree of purification of the recycled solvent leads
to significantly higher manufacturing cost than does a lower degree of purification by similar means. One embodiment
of the present invention relates to understanding and defining the preferred ranges of a large number of impurities within
the solvent feed, many of which were heretofore thought largely benign, in order to find an optimal balance between
overall manufacturing cost and overall product purity.
[0105] "Recycled solvent feed" is defined herein as solvent feed comprising at least about 5 weight percent mass that
has previously passed through a reaction medium containing one or more oxidizable aromatic compounds undergoing
partial oxidation. For reasons of solvent inventory and of on-stream time in a manufacturing unit, it is preferable that
portions of recycled solvent pass through reaction medium at least once per day of operation, more preferably at least
once per day for at least seven consecutive days of operation, and most preferably at least once per day for at least 30
consecutive days of operation. For economic reasons, it is preferable that at least about 20 weight percent of the solvent
feed to the reaction medium of the present invention is recycled solvent, more preferably at least about 40 weight percent,
still more preferably at least about 80 weight percent, and most preferably at least 90 weight percent.
[0106] The inventors have discovered that, for reasons of reaction activity and for consideration of metallic impurities
left in the oxidation product, the concentrations of selected multivalent metals within the recycled solvent feed are
preferably in ranges specified immediately below. The concentration of iron in recycled solvent is preferably below about
150 ppmw, more preferably below about 40 ppmw, and most preferably between 0 and 8 ppmw. The concentration of
nickel in recycled solvent is preferably below about 150 ppmw, more preferably below about 40 ppmw, and most preferably
between 0 and 8 ppmw. The concentration of chromium in recycled solvent is preferably below about 150 ppmw, more
preferably below about 40 ppmw, and most preferably between 0 and 8 ppmw. The concentration of molybdenum in
recycled solvent is preferably below about 75 ppmw, more preferably below about 20 ppmw, and most preferably between
0 and 4 ppmw. The concentration of titanium in recycled solvent is preferably below about 75 ppmw, more preferably
below about 20 ppmw, and most preferably between 0 and 4 ppmw. The concentration of copper in recycled solvent is
preferably below about 20 ppmw, more preferably below about 4 ppmw, and most preferably between 0 and 1 ppmw.
Other metallic impurities are also typically present in recycled solvent, generally varying at lower levels in proportion to
one or more of the above listed metals. Controlling the above listed metals in the preferred ranges will keep other metallic
impurities at suitable levels.
[0107] These metals can arise as impurities in any of the incoming process feeds (e.g., in incoming oxidizable com-
pound, solvent, oxidant, and catalyst compounds). Alternatively, the metals can arise as corrosion products from any of
the process units contacting reaction medium and/or contacting recycled solvent. The means for controlling the metals
in the disclosed concentration ranges include the appropriate specification and monitoring of the purity of various feeds
and the appropriate usage of materials of construction, including, but not limited to, many commercial grades of titanium
and of stainless steels including those grades known as duplex stainless steels and high molybdenum stainless steels.
[0108] The inventors have also discovered preferred ranges for selected aromatic compounds in the recycled solvent.
These include both precipitated and dissolved aromatic compounds within the recycled solvent.
[0109] Surprisingly, even precipitated product (e.g., TPA) from a partial oxidation of para-xylene, is a contaminant to
be managed in recycled solvent. Because there are surprisingly preferred ranges for the levels of solids within the
reaction medium, any precipitated product in the solvent feed directly subtracts from the amount of oxidizable compound
that can be fed in concert. Furthermore, feeding precipitated TPA solids in the recycled solvent at elevated levels has
been discovered to affect adversely the character of the particles formed within a precipitating oxidation medium, leading
to undesirable character in downstream operations (e.g., product filtration, solvent washing, oxidative digestion of crude
product, dissolution of crude product for further processing, and so on). Another undesirable characteristic of precipitated
solids in the recycle solvent feed is that these often contain very high levels of precipitated impurities, as compared to
impurity concentrations in the bulk of the solids within the TPA slurries from which much of the recycled solvent is
obtained. Possibly, the elevated levels of impurities observed in solids suspended in recycled filtrate may relate to
nucleation times for precipitation of certain impurities from the recycled solvent and/or to cooling of the recycled solvent,
whether intentional or due to ambient losses. For example, concentrations of highly-colored and undesirable 2,6-dicar-
boxyfluorenone have been observed at far higher levels in solids present in recycled solvent at 80°C than are observed
in TPA solids separated from recycled solvent at 160°C. Similarly, concentrations of isophthalic acid have been observed
at much higher levels in solids present in recycled solvent compared to levels observed in TPA solids from the reaction
medium. Exactly how specific precipitated impurities entrained within recycled solvent behave when re-introduced to
the reaction medium appears to vary. This depends perhaps upon the relative solubility of the impurity within the liquid
phase of the reaction medium, perhaps upon how the precipitated impurity is layered within the precipitated solids, and
perhaps upon the local rate of TPA precipitation where the solid first re-enters the reaction medium. Thus, the inventors
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have found it useful to control the level of certain impurities in the recycled solvent, as disclosed below, without respect
to whether these impurities are present in the recycled solvent in dissolved form or are entrained particulates therein.
[0110] The amount of precipitated solids present in recycled filtrate is determined by a gravimetric method as follows.
A representative sample is withdrawn from the solvent supply to the reaction medium while the solvent is flowing in a
conduit toward the reaction medium. A useful sample size is about 100 grams captured in a glass container having about
250 milliliters of internal volume. Before being released to atmospheric pressure, but while continuously flowing toward
the sample container, the recycled filtrate is cooled to less than 100°C; this cooling is in order to limit solvent evaporation
during the short interval before being sealed closed in the glass container. After the sample is captured at atmospheric
pressure, the glass container is sealed closed immediately. Then the sample is allowed to cool to about 20°C while
surrounded by air at about 20°C and without forced convection. After reaching about 20°C, the sample is held at this
condition for at least about 2 hours. Then, the sealed container is shaken vigorously until a visibly uniform distribution
of solids is obtained. Immediately thereafter, a magnetic stirrer bar is added to the sample container and rotated at
sufficient speed to maintain effectively uniform distribution of solids. A 10 milliliter aliquot of the mixed liquid with suspended
solids is withdrawn by pipette and weighed. Then the bulk of the liquid phase from this aliquot is separated by vacuum
filtration, still at about 20°C and effectively without loss of solids. The moist solids filtered from this aliquot are then dried,
effectively without sublimation of solids, and these dried solids are weighed. The ratio of the weight of the dried solids
to the weight of the original aliquot of slurry is the fraction of solids, typically expressed as a percentage and referred to
herein as the recycled filtrate content of precipitated solids at 20°C.
[0111] The inventors have discovered that aromatic compounds dissolved in the liquid phase of the reaction medium
and comprising aromatic carboxylic acids lacking non-aromatic hydrocarbyl groups (e.g., isophthalic acid, benzoic acid,
phthalic acid, 2,5,4’-tricarboxybiphenyl) are surprisingly pernicious components. Although these compounds are much
reduced in chemical activity in the subject reaction medium compared to oxidizable compounds having non-aromatic
hydrocarbyl groups, the inventors have discovered that these compounds nonetheless undergo numerous detrimental
reactions. Thus, it is advantageous to control the content of these compounds in preferred ranges in the liquid phase of
the reaction medium. This leads to preferred ranges of select compounds in recycled solvent feed and also to preferred
ranges of select precursors in the oxidizable aromatic compound feed.
[0112] For example, in the liquid-phase partial oxidation of para-xylene to terephthalic acid (TPA), the inventors have
discovered that the highly-colored and undesirable impurity 2,7-dicarboxyfluorenone (2,7-DCF) is virtually undetectable
in the reaction medium and product off-take when meta-substituted aromatic compounds are at very low levels in the
reaction medium. The inventors have discovered that when isophthalic acid impurity is present at increasing levels in
the solvent feed, the formation of 2,7-DCF rises in almost direct proportion. The inventors have also discovered that
when meta-xylene impurity is present in the feed of para-xylene, the formation of 2,7-DCF again rises almost in direct
proportion. Furthermore, even if the solvent feed and oxidizable compound feed are devoid of meta-substituted aromatic
compounds, the inventors have discovered that some isophthalic acid is formed during a typical partial oxidation of very
pure para-xylene, particularly when benzoic acid is present in the liquid phase of the reaction medium. This self-generated
isophthalic acid may, owing to its greater solubility than TPA in solvent comprising acetic acid and water, build up over
time in commercial units employing recycled solvent. Thus, the amount of isophthalic acid within solvent feed, the amount
of meta-xylene within oxidizable aromatic compound feed, and the rate of self-creation of isophthalic acid within the
reaction medium are all appropriately considered in balance with each other and in balance with any reactions that
consume isophthalic acid. Isophthalic acid has been discovered to undergo additional consumptive reactions besides
the formation of 2,7-DCF, as are disclosed below. In addition, the inventors have discovered that there are other issues
to consider when setting appropriate ranges for the meta-substituted aromatic species in the partial oxidation of para-
xylene to TPA. Other highly-colored and undesirable impurities, such as 2,6-dicarboxyfluorenone (2,6-DCF), appear to
relate greatly to dissolved, para-substituted aromatic species, which are always present with para-xylene feed to a liquid-
phase oxidation. Thus, the suppression of 2,7-DCF is best considered in perspective with the level of other colored
impurities being produced.
[0113] For example, in the liquid-phase partial oxidation of para-xylene to TPA, the inventors have discovered that
the formation of trimellitic acid rises as the levels isophthalic acid and phthalic acid rise within the reaction medium.
Trimellitic acid is a tri-functional carboxylic acid leading to branching of polymer chains during production of PET from
TPA. In many PET applications, branching levels must be controlled to low levels and hence trimellitic acid must be
controlled to low levels in purified TPA. Besides leading to trimellitic acid, the presence of meta-substituted and ortho-
substituted species in the reaction medium also give rise to other tricarboxylic acids (e.g., 1,3,5-tricarboxybenzene).
Furthermore, the increased presence of tricarboxylic acids in the reaction medium increases the amount of tetracarboxylic
acid formation (e.g., 1,2,4,5-tetracarboxybenzene). Controlling the summed production of all aromatic carboxylic acids
having more than two carboxylic acid groups is one factor in setting the preferred levels of meta-substituted and ortho-
substituted species in the recycled solvent feed, in the oxidizable compound feed, and in the reaction medium according
to the present invention.
[0114] For example, in the liquid-phase partial oxidation of para-xylene to TPA, the inventors have discovered that
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increased levels in the liquid phase of the reaction medium of several dissolved aromatic carboxylic acids lacking, non-
aromatic hydrocarbyl groups leads directly to the increased production of carbon monoxide and carbon dioxide. This
increased production of carbon oxides represents a yield loss on both oxidant and on oxidizable compound, the later
since many of the co-produced aromatic carboxylic acids, which on the one hand may be viewed as impurities, on the
other hand also have commercial value. Thus, appropriate removal of relatively soluble carboxylic acids lacking non-
aromatic hydrocarbyl groups from recycle solvent has an economic value in preventing yield loss of oxidizable aromatic
compound and of oxidant, in addition to suppressing the generation of highly undesirable impurities such as various
fluorenones and trimellitic acid.
[0115] For example, in the liquid-phase partial oxidation of para-xylene to TPA, the inventors have discovered that
formation of 2,5,4’-tricarboxybiphenyl is seemingly unavoidable. The 2,5,4’-tricarboxybiphenyl is an aromatic tricarboxylic
acid formed by the coupling of two aromatic rings, perhaps by the coupling of a dissolved para-substituted aromatic
species with an aryl radical, perhaps an aryl radical formed by decarboxylation or decarbonylation of a para-substituted
aromatic species. Fortunately, the 2,5,4’-tricarboxybiphenyl is typically produced at lower levels than trimellitic acid and
does not usually lead to significantly increased difficulties with branching of polymer molecules during production of
PET. However, the inventors have discovered that elevated levels of 2,5,4’-tricarboxybiphenyl in a reaction medium
comprising oxidation of alkyl aromatics according to preferred embodiments of the present invention lead to increased
levels of highly-colored and undesirable 2,6-DCF. The increased 2,6-DCF is possibly created from the 2,5,4’-tricarbo-
xybiphenyl by ring closure with loss of a water molecule, though the exact reaction mechanism is not known with certainty.
If 2,5,4’-tricarboxybiphenyl, which is more soluble in solvent comprising acetic acid and water than is TPA, is allowed to
build up too high within recycled solvent, conversion rates to 2,6-DCF can become unacceptably large.
[0116] For example, in the liquid-phase partial oxidation of para-xylene to TPA, the inventors have discovered that
aromatic carboxylic acids lacking non-aromatic hydrocarbyl groups (e.g., isophthalic acid) generally lead to mild sup-
pression of the chemical activity of the reaction medium when present in the liquid phase at sufficient concentration.
[0117] For example, in the liquid-phase partial oxidation of para-xylene to TPA, the inventors have discovered that
precipitation is very often non-ideal (i.e. non-equilibrium) with respect to the relative concentrations of different chemical
species in the solid phase and in the liquid phase. Perhaps, this is because the precipitation rate is very fast at the space-
time reaction rates preferred herein, leading to non-ideal co-precipitation of impurities, or even occlusion. Thus, when
it is desired to limit the concentration of certain impurities (e.g., trimellitic acid and 2,6-DCF) within crude TPA, owing to
the configuration of downstream unit operations, it is preferable to control their concentration in solvent feed as well as
their generation rate within the reaction medium.
[0118] For example, the inventors have discovered that benzophenone compounds (e.g., 4,4’-dicarboxybenzophenone
and 2,5,4’-tricarboxybenzophenone) made during partial oxidation of para-xylene, have undesirable effects in a PET
reaction medium even though benzophenone compounds are not as highly colored in TPA per se as are fluorenones
and anthraquinones. Accordingly, it is desirable to limit the presence of benzophenones and select precursors in recycled
solvent and in oxidizable compound feed. Furthermore, the inventors have discovered that the presence of elevated
levels of benzoic acid, whether admitted in recycled solvent or formed within the reaction medium, leads to elevated
rates of production of 4,4’-dicarboxybenzophenone.
[0119] In review, the inventors have discovered and sufficiently quantified a surprising array of reactions for aromatic
compounds lacking non-aromatic hydrocarbyl groups that are present in the liquid-phase partial oxidation of para-xylene
to TPA. Recapping just the single case of benzoic acid, the inventors have discovered that increased levels of benzoic
acid in the reaction medium of certain embodiments of the present invention lead to greatly increased production of the
highly colored and undesirable 9-fluorenone-2-carboxylic acid, to greatly increased levels of 4,4’-dicarboxybiphenyl, to
increased levels of 4,4’-dicarboxybenzophenone, to a mild suppression of chemical activity of the intended oxidation of
para-xylene, and to increased levels of carbon oxides and attendant yield losses. The inventors have discovered that
increased levels of benzoic acid in the reaction medium also lead to increased production of isophthalic acid and phthalic
acid, the levels of which are desirably controlled in low ranges according to similar aspects of the current invention. The
number and importance of reactions involving benzoic acid are perhaps even more surprising since some recent inventors
contemplate using benzoic acid in place of acetic acid as a primary component of solvent (See, e.g., U.S. Pat. No.
6,562,997). Additionally, the present inventors have observed that benzoic acid is self-generated during oxidation of
para-xylene at rates that are quite important relative to its formation from impurities, such as toluene and ethylbenzene,
commonly found in oxidizable compound feed comprising commercial-purity para-xylene.
[0120] On the other hand, the inventors have discovered little value from additional regulation of recycled solvent
composition in regard to the presence of oxidizable aromatic compound and in regard to aromatic reaction intermediates
that both retain non-aromatic hydrocarbyl groups and are also relatively soluble in the recycled solvent. In general, these
compounds are either fed to or created within the reaction medium at rates substantially greater than their presence in
recycled solvent; and the consumption rate of these compounds within the reaction medium is great enough, retaining
one or more non-aromatic hydrocarbyl groups, to limit appropriately their build-up within recycled solvent. For example,
during partial oxidation of para-xylene in a multi-phase reaction medium, para-xylene evaporates to a limited extent
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along with large quantities of solvent. When this evaporated solvent exits the reactor as part of the off-gas and is
condensed for recovery as recycled solvent, a substantial portion of the evaporated para-xylene condenses therein as
well. It is not necessary to limit the concentration of this para-xylene in recycled solvent. For example, if solvent is
separated from solids upon slurry exiting a para-xylene oxidation reaction medium, this recovered solvent will contain
a similar concentration of dissolved para-toluic acid to that present at the point of removal from the reaction medium.
Although it may be important to limit the standing concentration of para-toluic acid within the liquid phase of the reaction
medium, see below, it is not necessary to regulate separately the para-toluic acid in this portion of recycled solvent owing
to its relatively good solubility and to its low mass flow rate relative to the creation of para-toluic acid within the reaction
medium. Similarly, the inventors have discovered little reason to limit the concentrations in recycled solvent of aromatic
compounds with methyl substituents (e.g. toluic acids), aromatic aldehydes (e.g., terephthaldehyde), of aromatic com-
pounds with hydroxy-methyl substituents (e.g., 4-hydroxymethylbenzoic acid), and of brominated aromatic compounds
retaining at least one non-aromatic hydrocarbyl group (e.g., alpha-bromo-para-toluic acid) below those inherently found
in the liquid phase exiting from the reaction medium occurring in the partial oxidation of xylene according to preferred
embodiments of the present invention. Surprisingly, the inventors have also discovered that it is also not necessary to
regulate in recycled solvent the concentration of selected phenols intrinsically produced during partial oxidation of xylene,
for these compounds are created and destroyed within the reaction medium at rates much greater than their presence
in recycled solvent. For example, the inventors have discovered that 4-hydroxybenzoic acid has relatively small effects
on chemical activity in the preferred embodiments of the present invention when co-fed at rates of over 2 grams of 4-
hydroxybenzoic acid per 1 kilogram of para-xylene, far higher than the natural presence in recycled solvent, despite
being reported by others as a significant poison in similar reaction medium (See, e.g., W. Partenheimer, Catalysis Today
23 (1995) p. 81).
[0121] Thus, there are numerous reactions and numerous considerations in setting the preferred ranges of various
aromatic impurities in the solvent feed as now disclosed. These discoveries are stated in terms of the aggregated weight
average composition of all solvent streams being fed to the reaction medium during the course of a set time period,
preferably one day, more preferably one hour, and most preferably one minute. For example, if one solvent feed flows
substantially continuously with a composition of 40 ppmw of isophthalic acid at a flow rate of 7 kilograms per minute, a
second solvent feed flows substantially continuously with a composition of 2,000 ppmw of isophthalic acid at a flow rate
of 10 kilograms per minute, and there are no other solvent feed streams entering the reaction medium, then the aggregated
weight average composition of the solvent feed is calculated as (40 * 7 + 2,000 * 10)/(7 +10) = 1,193 ppmw of isophthalic
acid. It is notable that the weight of any oxidizable compound feed or of any oxidant feed that are perhaps commingled
with the solvent feed before entering the reaction medium are not considered in calculating the aggregated weight
average composition of the solvent feed.
[0122] Table 1, below, lists preferred values for certain components in the solvent feed introduced into the reaction
medium. The solvent feed components listed in Table 1 are as follows: 4-carboxybenzaldehyde (4-CBA), 4,4’-dicarbo-
xystilbene (4,4’-DCS), 2,6-dicarboxyanthraquinone (2,6-DCA), 2,6-dicarboxyfluorenone (2,6-DCF), 2,7-dicarboxyflu-
orenone (2,7-DCF), 3,5-dicarboxyfluorenone (3,5-DCF), 9-fluorenone-2-carboxylic acid (9F-2CA), 9-fluorenone-4-car-
boxylic acid (9F-4CA), total fluorenones including other fluorenones not individually listed (total fluorenones), 4,4’-dicar-
boxybiphenyl (4,4’-DCB), 2,5,4’-tricarboxybiphenyl (2,5,4’-TCB), phthalic acid (PA), isophthalic acid (IPA), benzoic acid
(BA), trimellitic acid (TMA), 2,6-dicarboxybenzocoumarin (2,6-DCBC), 4,4’-dicarboxybenzil (4,4’-DCBZ), 4,4’-dicarbo-
xybenzophenone (4,4’-DCBP), 2,5,4’-tricarboxybenzophenone (2,5,4’-TCBP), terephthalic acid (TPA), precipitated sol-
ids at 20°C, and total aromatic carboxylic acids lacking non-aromatic hydrocarbyl groups. Table 1, below provides the
preferred amounts of these impurities in CTA produced according to an embodiment of the present invention.

TABLE 1 - Components of Solvent Feed Introduced into Reaction Medium

Component Identification Preferred Amt. 
(ppmw)

More Preferred 
Amt. (ppmw)

Most Preferred 
Amt. (ppmw)

4-CBA < 1,200 30 - 600 60 - 300

4,4’-DCS < 3 < 2 < 1

2,6-DCA < 6 0.1 - 3 0.2 - 1

2,6-DCF < 20 0.1 - 10 0.5 - 5

2,7-DCF < 10 0.1 - 5 0.5 - 2

3,5-DCF < 10 < 5 < 2

9F-2CA < 10 0.1 - 5 0.5 - 2
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[0123] Many other aromatic impurities are also typically present in recycled solvent, generally varying at even lower
levels and/or in proportion to one or more of the disclosed aromatic compounds. Methods for controlling the disclosed
aromatic compounds in the preferred ranges will typically keep other aromatic impurities at suitable levels.
[0124] When bromine is used within the reaction medium, a large number of ionic and organic forms of bromine are
known to exist in a dynamic equilibrium. These various forms of bromine have different stability characteristics once
leaving the reaction medium and passing through various unit operations pertaining to recycled solvent. For example,
alpha-bromo-para-toluic acid may persist as such at some conditions or may rapidly hydrolyze at other conditions to
form 4-hydroxymethylbenzoic acid and hydrogen bromide. In the present invention, it is preferable that at least about
40 weight percent, more preferable that at least about 60 weight percent, and most preferable that at least about 80
weight percent of the total mass of bromine present in the aggregated solvent feed to the reaction medium is in one or
more of the following chemical forms: ionic bromine, alpha-bromo-para-toluic acid, and bromoacetic acid.
[0125] Although the importance and value of controlling the aggregated weight average purity of solvent feed within
the disclosed, desired ranges of the present invention has not heretofore been discovered and/or disclosed, suitable
means for controlling the solvent feed purity may be assembled from various methods already known in the art. First,
any solvent evaporated from the reaction medium is typically of suitable purity providing that liquid or solids from the
reaction medium are not entrained with the evaporated solvent. The feeding of reflux solvent droplets into the off-gas
disengaging space above the reaction medium, as disclosed herein, appropriately limits such entrainment; and recycled
solvent of suitable purity with respect to aromatic compound can be condensed from such off-gas. Second, the more
difficult and costly purification of recycled solvent feed typically relates to solvent taken from the reaction medium in
liquid form and to solvent that subsequently contacts the liquid and/or solid phases of the reaction medium withdrawn
from the reaction vessel (e.g., recycled solvent obtained from a filter in which solids are concentrated and/or washed,
recycled solvent obtained from a centrifuge in which solids are concentrated and/or washed, recycled solvent taken from
a crystallization operation, and so on). However, means are also known in the art for effecting the necessary purification
of these recycled solvent streams using one or more prior disclosures. With respect to controlling precipitated solids in
recycled solvent to be within the ranges specified, suitable control means include, but are not limited to, gravimetric
sedimentation, mechanical filtration using filter cloth on rotary belt filters and rotary drum filters, mechanical filtration
using stationary filter medium within pressure vessels, hydro-cyclones, and centrifuges. With respect to controlling
dissolved aromatic species in recycled solvent to be within the ranges specified, the control means include, but are not
limited to, those disclosed in U.S. Pat. No. 4,939,297 and U.S. Pat. App. Pub. No. 2005-0038288. However, none of
these prior inventions discovered and disclosed the preferred levels of purity in the aggregated solvent feed as disclosed

(continued)

Component Identification Preferred Amt. 
(ppmw)

More Preferred 
Amt. (ppmw)

Most Preferred 
Amt. (ppmw)

9F-4CA < 5 < 3 < 1

Total fluorenones < 40 < 20 1 - 8

4,4’-DCB < 45 < 15 0.5 - 5

2,5,4’-TCB < 45 0.1 - 15 0.5 - 5

PA < 1,000 15 - 400 40 - 150

IPA 2,500 40 - 1,200 120 - 400

BA < 4,500 50 - 1,500 150 - 500

TMA < 1,000 15 - 400 40 - 150

2,6-DCBC < 40 < 20 < 5

4,4’-DCBZ < 40 < 20 < 5

4,4’-DCBP < 40 < 20 < 5

2,5,4’-TCBP < 40 < 20 0.5 - 5

TPA < 9,000 200 - 6,000 400 - 2,000

Precipitated Solids at 20°C < 9,000 200 - 6,000 600 - 2,000

Total Aromatic Carboxylic Acids Lacking Non-
Aromatic Hydrocarbyl Groups

< 18,000 300 - 9,000 450 - 3,000
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herein. Rather, these prior inventions merely provided means to purify selected and partial streams of recycled solvent
without deducing the present inventive, optimal values of the composition of the aggregated weight average solvent
feed to the reaction medium.
[0126] Turning now to the purity of the feed of oxidizable compound, it is known that certain levels of isophthalic acid,
phthalic acid, and benzoic acid are present and tolerable at low levels in purified TPA used for polymer production.
Moreover, it is known these species are relatively more soluble in many solvents and may be advantageously removed
from purified TPA by crystallization processes. However, from an embodiment of the invention disclosed herein, it is
now known that controlling the level of several relatively soluble aromatic species, notably including isophthalic acid,
phthalic acid, and benzoic acid, in the liquid phase of the reaction medium is surprisingly important for controlling the
level of polycyclic and colored aromatic compounds created in the reaction medium, for controlling compounds with
more than 2 carboxylic acid functions per molecule, for controlling reaction activity within the partial oxidation reaction
medium, and for controlling yield losses of oxidant and of aromatic compound.
[0127] It is known within the art that isophthalic acid, phthalic acid, and benzoic acid are formed in the reaction medium
as follows. Meta-Xylene feed impurity oxidizes in good conversion and yield to IPA. Ortho-Xylene feed impurity oxidizes
in good conversion and yield to phthalic acid. Ethylbenzene and toluene feed impurities oxidize in good conversion and
yield to benzoic acid. However, the inventors have observed that significant amounts of isophthalic acid, phthalic acid,
and benzoic acid are also formed within a reaction medium comprising para-xylene by means other than oxidation of
meta-xylene, ortho-xylene, ethylbenzene, and toluene. These other intrinsic chemical routes possibly include decarbo-
nylation, decarboxylation, the reorganization of transition states, and addition of methyl and carbonyl radicals to aromatic
rings.
[0128] In determining preferred ranges of impurities in the feed of oxidizable compound, many factors are relevant.
Any impurity in the feed is likely to be a direct yield loss and a product purification cost if the purity requirements of the
oxidized product are sufficiently strict (e.g., in a reaction medium for partial oxidation of para-xylene, toluene and ethyl-
benzene typically found in commercial-purity para-xylene lead to benzoic acid, and this benzoic acid is largely removed
from most commercial TPA). When the partial oxidation product of a feed impurity participates in additional reactions,
factors other than simple yield loss and removal become appropriate when considering how much feed purification cost
to incur (e.g., in a reaction medium for partial oxidation of para-xylene, ethylbenzene leads to benzoic acid, and benzoic
acid subsequently leads to highly colored 9-fluorenone-2-carboxylic acid, to isophthalic acid, to phthalic acid, and to
increased carbon oxides, among others). When the reaction medium self-generates additional amounts of an impurity
by chemical mechanisms not directly related to feed impurities, the analysis becomes still more complex (e.g., in a
reaction medium for partial oxidation of para-xylene, benzoic acid is also self-generated from para-xylene itself). In
addition, the downstream processing of the crude oxidation product may affect the considerations for preferred feed
purity. For example, the cost of removing to suitable levels a direct impurity (benzoic acid) and subsequent impurities
(isophthalic acid, phthalic acid, 9-fluorenone-2-carboxylic acid, et al.) may be one and the same, may be different from
each other, and may be different from the requirements of removing a largely unrelated impurity (e.g., incomplete
oxidation product 4-CBA in the oxidation of para-xylene to TPA).
[0129] The following disclosed feed purity ranges for para-xylene are preferred where para-xylene is fed with solvent
and oxidant to a reaction medium for partial oxidation to produce TPA. These ranges are more preferred in TPA production
process having post-oxidation steps to remove from reaction medium impurities other than oxidant and solvent (e.g.,
catalyst metals). These ranges are still more preferred in TPA production processes that remove additional 4-CBA from
CTA (e.g., by conversion of CTA to dimethyl terephthalate plus impurity esters and subsequent separation of the methyl
ester of 4-CBA by distillation, by oxidative digestion methods for converting 4-CBA to TPA, by hydrogenation methods
for converting 4-CBA to para-toluic acid, which is then separated by partial-crystallization methods). These ranges are
most preferred in TPA production processes that remove additional 4-CBA from CTA by oxidative digestion methods
for converting 4-CBA to TPA.
[0130] Using new knowledge of preferred ranges of recycling aromatic compounds and of the relative amounts of the
aromatic compounds formed directly from oxidation of feed impurities as compared to other intrinsic chemical routes,
improved ranges for impurities have been discovered for impure para-xylene being fed to a partial oxidation process for
TPA production. Table 2, below provides preferred values for the amount of meta-xylene, ortho-xylene, and ethylbenzene
+ toluene in the para-xylene feed.

TABLE 2 - Components of Impure para-xylene Feed

Component 
Identification

Preferred Amt. 
(ppmw)

More Preferred Amt. 
(ppmw)

Most Preferred Amt. 
(ppmw)

meta-xylene 20 - 800 50 - 600 100 - 400

ortho-xylene 10 - 300 20 - 200 30 - 100
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[0131] Those skilled in the art will now recognize the above impurities within impure para-xylene may have their
greatest effect on the reaction medium after their partial oxidation products have accumulated in recycled solvent. For
example, feeding the upper amount of the most preferred range of meta-xylene, 400 ppmw, will immediately produce
about 200 ppmw of isophthalic acid within the liquid phase of the reaction medium when operating with about 33 weight
percent solids in the reaction medium. This compares with an input from the upper amount of the most preferred range
for isophthalic acid in recycled solvent of 400 ppmw which, after allowing for a typical solvent evaporation to cool the
reaction medium, amounts to about 1,200 ppmw of isophthalic acid within the liquid phase of the reaction medium. Thus,
it is the accumulation of partial oxidation products over time within recycled solvent that represents the greatest probable
impact of the meta-xylene, ortho-xylene, ethylbenzene, and toluene impurities in the feed of impure para-xylene. Ac-
cordingly, the above ranges for impurities in impure para-xylene feed are preferred to be maintained for at least one-
half of each day of operation of any partial oxidation reaction medium in a particular manufacturing unit, more preferably
for at least three-quarters of each day for at least seven consecutive days of operation, and most preferably when the
mass-weighted averages of the impure para-xylene feed composition are within the preferred ranges for at least 30
consecutive days of operation.
[0132] Means for obtaining impure para-xylene of preferred purity are already known in the art and include, but are
not limited to, distillation, partial crystallization methods at sub-ambient temperatures, and molecular sieve methods
using selective pore-size adsorption. However, the preferred ranges of purity specified herein are, at their high end,
more demanding and expensive than characteristically practiced by commercial suppliers of para-xylene; and yet at the
low end, the preferred ranges avoid overly costly purification of para-xylene for feeding to a partial oxidation reaction
medium by discovering and disclosing where the combined effects of impurity self-generation from para-xylene itself
and of impurity consumptive reactions within the reaction medium become more important than the feed rates of impurities
within impure para-xylene.
[0133] When the xylene-containing feed stream contains selected impurities, such as ethyl-benzene and/or toluene,
oxidation of these impurities can generate benzoic acid. As used herein, the term "impurity-generated benzoic acid"
shall denote benzoic acid derived from any source other than xylene during xylene oxidation.
[0134] As disclosed herein, a portion of the benzoic acid produced during xylene oxidation is derived from the xylene
itself. This production of benzoic acid from xylene is distinctly in addition to any portion of benzoic acid production that
may be impurity-generated benzoic acid. Without being bound by theory, it is believed that benzoic acid is derived from
xylene within the reaction medium when various intermediate oxidation products of xylene spontaneously decarbonylate
(carbon monoxide loss) or decarboxylate (carbon dioxide loss) to thereby produce aryl radicals. These aryl radicals can
then abstract a hydrogen atom from one of many available sources in the reaction medium and produce self-generated
benzoic acid. Whatever the chemical mechanism, the term "self-generated benzoic acid", as used herein, shall denote
benzoic acid derived from xylene during xylene oxidation.
[0135] As also disclosed herein, when para-xylene is oxidized to produce terephthalic acid (TPA), the production of
self-generated benzoic acid causes para-xylene yield loss and oxidant yield loss. In addition, the presence of self-
generated benzoic acid in the liquid phase of the reaction medium correlates with increases for many undesirable side
reactions, notably including generation of highly colored compounds called mono-carboxy-fluorenones. Self-generated
benzoic acid also contributes to the undesirable accumulation of benzoic acid in recycled filtrate which further elevates
the concentration of benzoic acid in the liquid phase of the reaction medium. Thus, formation of self-generated benzoic
acid is desirably minimized, but this is also appropriately considered simultaneously with impurity-generated benzoic
acid, with factors affecting consumption of benzoic acid, with factors pertaining to other issues of reaction selectivity,
and with overall economics.
[0136] The inventors have discovered that the self-generation of benzoic acid can be controlled to low levels by
appropriate selection of, for example, temperature, xylene distribution, and oxygen availability within the reaction medium
during oxidation. Not wishing to be bound by theory, lower temperatures and improved oxygen availability appear to
suppress the decarbonylation and/or decarboxylation rates, thus avoiding the yield loss aspect of self-generated benzoic
acid. Sufficient oxygen availability appears to direct aryl radicals toward other more benign products, in particular hy-
droxybenzoic acids. Distribution of xylene in the reaction medium may also affect the balance between aryl radical

(continued)

Component 
Identification

Preferred Amt. 
(ppmw)

More Preferred Amt. 
(ppmw)

Most Preferred Amt. 
(ppmw)

ethylbenzene + toluene* 20 - 700 50 - 500 100 - 300

total 50 - 900 100 - 800 200 - 700

* Specification for ethylbenzene + toluene is each separately and in sum
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conversion to benzoic acid or to hydroxybenzoic acids. Whatever the chemical mechanisms, the inventors have discov-
ered reaction conditions that, although mild enough to reduce benzoic acid production, are severe enough to oxidize a
high fraction of the hydroxybenzoic acid production to carbon monoxide and/or carbon dioxide, which are easily removed
from the oxidation product.
[0137] In a preferred embodiment of the present invention, the oxidation reactor is configured and operated in a manner
such that the formation of self-generated benzoic acid is minimized and the oxidation of hydroxybenzoic acids to carbon
monoxide and/or carbon dioxide is maximized. When the oxidation reactor is employed to oxidize para-xylene to tereph-
thalic acid, it is preferred that para-xylene makes up at least about 50 weight percent of the total xylene in the feed
stream introduced into the reactor. More preferably, para-xylene makes up at least about 75 weight percent of the total
xylene in the feed stream. Still more preferably, para-xylene makes up at least 95 weight percent of the total xylene in
the feed stream. Most preferably, para-xylene makes up substantially all of the total xylene in the feed stream.
[0138] When the reactor is employed to oxidize para-xylene to terephthalic acid, it is preferred for the rate of production
of terephthalic acid to be maximized, while the rate of production of self-generated benzoic acid is minimized. Preferably,
the ratio of the rate of production (by weight) of terephthalic acid to the rate of production (by weight) of self-generated
benzoic acid is at least about 500:1, more preferably at least about 1,000:1, and most preferably at least 1,500:1. As
will be seen below, the rate of production of self-generated benzoic acid is preferably measured when the concentration
of benzoic acid in the liquid phase of the reaction medium is below 2,000 ppmw, more preferably below 1,000 ppmw,
and most preferably below 500 ppmw, because these low concentrations suppress to suitably low rates reactions that
convert benzoic acid to other compounds.
[0139] Combining the self-generated benzoic acid and the impurity-generated benzoic acid, the ratio of the rate of
production (by weight) of terephthalic acid to the rate of production (by weight) of total benzoic acid is preferably at least
about 400:1, more preferably at least about 700:1, and most preferably at least 1,100:1. As will be seen below, the
summed rate of production of self-generated benzoic acid plus impurity-generated benzoic acid is preferably measured
when the concentration of benzoic acid in the liquid phase of the reaction medium is below 2,000 ppmw, more preferably
below 1,000 ppmw, and most preferably below 500 ppmw, because these low concentrations suppress to suitably low
rates reactions that convert benzoic acid to other compounds.
[0140] As disclosed herein, elevated concentrations of benzoic acid in the liquid phase of the reaction medium lead
to increased formation of many other aromatic compounds, several of which are noxious impurities in TPA; and, as
disclosed herein, elevated concentrations of benzoic acid in the liquid phase of the reaction medium lead to increased
formation of carbon oxide gases, the formation of which represents yield loss on oxidant and on aromatic compounds
and/or solvent. Furthermore, it is now disclosed that the inventors have discovered a considerable portion of this increased
formation of other aromatic compounds and of carbon oxides derives from reactions that convert some of the benzoic
acid molecules themselves, as contrasted to benzoic acid catalyzing other reactions without itself being consumed.
Accordingly, the "net generation of benzoic acid" is defined herein as the time-averaged weight of all benzoic acid exiting
the reaction medium minus the time-averaged weight of all benzoic acid entering the reaction medium during the same
period of time. This net generation of benzoic acid is often positive, driven by the formation rates of impurity-generated
benzoic acid and of self-generated benzoic acid. However, the inventors have discovered that the conversion rate of
benzoic acid to carbon oxides, and to several other compounds, appears to increase approximately linearly as the
concentration of benzoic acid is increased in the liquid phase of the reaction medium, measured when other reaction
conditions comprising temperature, oxygen availability, STR, and reaction activity are maintained appropriately constant.
Thus, when the concentration of benzoic acid in the liquid-phase of the reaction medium is great enough, perhaps due
to an elevated concentration of benzoic acid in recycled solvent, then the conversion of benzoic acid molecules to other
compounds, including carbon oxides, can become equal to or greater than the chemical generation of new benzoic acid
molecules. In this case, the net generation of benzoic acid can become balanced near zero or even negative. The
inventors have discovered that when the net generation of benzoic acid is positive, then the ratio of the rate of production
(by weight) of terephthalic acid in the reaction medium compared to the rate of net generation of benzoic acid in the
reaction medium is preferably above about 700:1, more preferably above about 1,100:1, and most preferably above
4,000:1. The inventors have discovered that when the net generation of benzoic acid is negative, the ratio of the rate of
production (by weight) of terephthalic acid in the reaction medium compared to the rate of net generation of benzoic
acid in the reaction medium is preferably above about 200:(-1), more preferably above about 1,000:(-1), and most
preferably above 5,000:(-1).
[0141] The inventors have also discovered preferred ranges for the composition of the slurry (liquid + solid) withdrawn
from the reaction medium and for the solid CTA portion of the slurry. The preferred slurry and the preferred CTA
compositions are surprisingly superior and useful. For example, purified TPA produced from this preferred CTA by
oxidative digestion has a sufficiently low level of total impurities and of colored impurities such that the purified TPA is
suitable, without hydrogenation of additional 4-CBA and/or colored impurities, for a wide range of applications in PET
fibers and PET packaging applications. For example, the preferred slurry composition provides a liquid phase of the
reaction medium that is relatively low in concentration of important impurities and this importantly reduces the creation
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of other even more undesirable impurities as disclosed herein. In addition, the preferred slurry composition importantly
aids the subsequent processing of liquid from the slurry to become suitably pure recycled solvent, according to other
embodiments of the present invention.
[0142] CTA produced according to one embodiment of the present invention contains less impurities of selected types
than CTA produce by conventional processes and apparatuses, notably those employing recycled solvent. Impurities
that may be present in CTA include the following: 4-carboxybenzaldehyde (4-CBA), 4,4’-dicarboxystilbene (4,4’-DCS),
2,6-dicarboxyanthraquinone (2,6-DCA), 2,6-dicarboxyfluorenone (2,6-DCF), 2,7-dicarboxyfluorenone (2,7-DCF), 3,5-
dicarboxyfluorenone (3,5-DCF), 9-fluorenone-2-carboxylic acid (9F-2CA), 9-fluorenone-4-carboxylic acid (9F-4CA), 4,4’-
dicarboxybiphenyl (4,4’-DCB), 2,5,4’-tricarboxybiphenyl (2,5,4’-TCB), phthalic acid (PA), isophthalic acid (IPA), benzoic
acid (BA), trimellitic acid (TMA), para-toluic acid (PTAC), 2,6-dicarboxybenzocoumarin (2,6-DCBC), 4,4’-dicarboxybenzil
(4,4’-DCBZ), 4,4’-dicarboxybenzophenone (4,4’-DCBP), 2,5,4’-tricarboxybenzophenone (2,5,4’-TCBP). Table 3, below
provides the preferred amounts of these impurities in CTA produced according to an embodiment of the present invention.

[0143] In addition, it is preferred for CTA produced according to an embodiment of the present invention to have
reduced color content relative to CTA produce by conventional processes and apparatuses, notably those employing
recycled solvent. Thus, it is preferred for CTA produced in accordance to one embodiment of the present invention have
a percent transmittance percent at 340 nanometers (nm) of at least about 25 percent, more preferably of at least about
50 percent, and most preferably of at least 60 percent. It is further preferred for CTA produced in accordance to one
embodiment of the present invention to have a percent transmittance percent at 400 nanometers (nm) of at least about
88 percent, more preferably of at least about 90 percent, and most preferably of at least 92 percent.
[0144] The test for percent transmittance provides a measure of the colored, light-absorbing impurities present within
TPA or CTA. As used herein, the test refers to measurements done on a portion of a solution prepared by dissolving
2.00 grams of dry solid TPA or CTA in 20.0 milliliters of dimethyl sulfoxide (DMSO), analytical grade or better. A portion
of this solution is then placed in a Hellma semi-micro flow cell, PN 176.700, which is made of quartz and has a light path
of 1.0 cm and a volume of 0.39 milliliters. (Hellma USA, 80 Skyline Drive, Plainview, NY 11803). An Agilent 8453 Diode

TABLE 3 - CTA Impurities

Impurity Identification Preferred Amt. (ppmw) More Preferred Amt. (ppmw) Most Preferred Amt. (ppmw)

4-CBA < 15,000 100 - 8,000 400 - 2,000

4,4’-DCS < 12 < 6 < 3

2,6-DCA < 9 < 6 < 2

2,6-DCF < 100 2 - 50 5 - 25

2,7-DCF < 30 < 15 < 5

3,5-DCF < 16 < 8 < 2

9F-2CA < 16 < 8 < 4

9F-4CA < 8 < 4 < 2

Total fluorenones < 100 2 - 60 4 - 35

4,4’-DCB < 64 1 - 32 2 - 8

2,5,4’-TCB < 24 < 12 < 8

PA < 200 3 - 100 5 - 50

IPA < 800 10 - 400 20 - 200

BA < 600 5 - 300 15 - 100

TMA < 800 10 - 400 20 - 200

PTAC < 2,000 10 - 1,000 50 - 500

2,6-DCBC < 64 < 32 < 8

4,4’-DCBZ < 12 < 8 < 4

4,4’-DCBP < 40 < 30 < 20

2,5,4’-TCBP < 32 < 16 < 4
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Array Spectrophotometer is used to measure the transmittance of different wavelengths of light through this filled flow
cell. (Agilent Technologies, 395 Page Mill Road, Palo Alto, CA 94303). After appropriate correction for absorbance from
the background, including but not limited to the cell and the solvent used, the percent transmittance results, characterizing
the fraction of incident light that is transmitted through the solution, are reported directly by the machine. Percent trans-
mittance values at light wavelengths of 340 nanometers and 400 nanometers are particularly useful for discriminating
pure TPA from many of the impurities typically found therein.
[0145] The preferred ranges of various aromatic impurities in the slurry (solid + liquid) phase of the reaction medium
are provided below in Table 4.

[0146] These preferred compositions for the slurry embody the preferred composition of the liquid phase of the reaction
medium while usefully avoiding experimental difficulties pertaining to precipitation of additional liquid phase components
from the reaction medium into solid phase components during sampling from the reaction medium, separation of liquids
and solids, and shifting to analytical conditions.
[0147] Many other aromatic impurities are also typically present in the slurry phase of the reaction medium and in CTA
of the reaction medium, generally varying at even lower levels and/or in proportion to one or more of the disclosed
aromatic compounds. Controlling the disclosed aromatic compounds in the preferred ranges will keep other aromatic
impurities at suitable levels. These advantaged compositions for the slurry phase in the reaction medium and for the
solid CTA taken directly from the slurry are enabled by operating with embodiments of the invention disclosed herein
for partial oxidation of para-xylene to TPA.
[0148] Measurement of the concentration of low level components in the solvent, recycled solvent, CTA, slurry from
the reaction medium, and PTA are performed using liquid chromatography methods. Two interchangeable embodiments
are now described.
[0149] The method referred to herein as HPLC-DAD comprises high pressure liquid chromatography (HPLC) coupled
with a diode array detector (DAD) to provide separation and quantitation of various molecular species within a given
sample. The instrument used in this measurement is a model 1100 HPLC equipped with a DAD, provided by Agilent
Technologies (Palo Alto, CA), though other suitable instruments are also commercially available and from other suppliers

TABLE 4 - Slurry Impurities

Impurity Identification Preferred Amt. (ppmw) More Preferred Amt. (ppmw) Most Preferred Amt. (ppmw)

4-CBA < 8,000 < 5,000 < 2,500

4,4’-DCS < 4 < 2 < 1

2,6-DCA < 6 < 3 < 1

2,6-DCF < 70 2 - 40 4 - 20

2,7-DCF < 12 < 8 < 4

3,5-DCF < 12 < 8 < 4

9F-2CA < 12 < 8 < 4

9F-4CA < 8 < 4 < 2

Total fluorenones < 90 2 - 60 5 - 30

4,4’-DCB < 64 1 - 16 2 - 4

2,5,4’-TCB < 60 2 - 40 4 - 20

PA < 3,000 25 - 1,500 75 - 500

IPA 9,000 75 - 4,500 225 - 1,500

BA < 15,000 100 - 6,000 300 - 2,000

TMA < 3,000 25 - 1,500 75 - 500

PTAC < 8,000 100 - 4,000 200 - 2,000

4,4’-DCBZ < 5 < 4 < 3

4,4’-DCBP < 240 < 160 < 80

2,5,4’-TCBP < 120 < 80 < 40
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As is known in the art, both the elution time and the detector response are calibrated using known compounds present
in known amounts, compounds and amounts that are appropriate to those occurring in actual unknown samples.
[0150] The method referred to herein as HPLC-MS comprises high pressure liquid chromatography (HPLC) coupled
with mass spectrometry (MS) to provide separation, identification, and quantitation of various molecular species within
a given sample. The instruments used in this measurement is an Alliance HPLC and ZQ MS provided by Waters Corp.
(Milford, MA), though other suitable instruments are also commercially available and from other suppliers. As is known
in the art, both the elution time and the mass spectrometric response are calibrated using known compounds present
in known amounts, compounds and amounts that are appropriate to those occurring in actual unknown samples.
whenever methyl acetate production is at too low a rate, then the production of carbon oxides are also too low and the
production of noxious aromatic impurities are too high. If methyl acetate production is at too high a rate, then the production
of carbon oxides are also unnecessarily high leading to yield losses of solvent, oxidizable compound and oxidant. When
employing the preferred embodiments disclosed herein, the production ratio of moles of methyl acetate produced to
moles of oxidizable aromatic compound fed is preferably greater than about 0.005:1, more preferably greater than about
0.010:1, and most preferably greater than 0.020:1. At the same time, the production ratio of moles of methyl acetate
produced to moles of oxidizable aromatic compound fed is preferably less than about 0.09:1, more preferably less than
about 0.07:1, still more preferably less than about 0.05:1, and most preferably less than 0.04:1.
[0151] Certain embodiments of this invention can be further illustrated by the following examples, although it should
be understood that these examples are included merely for purposes of illustration and are not intended to limit the
scope of the invention unless otherwise specifically indicated.

EXAMPLES 1 and 2

[0152] In Examples 1 and 2, a commercial bubble column reactor was used to oxidize para-xylene to crude terephthalic
acid (CTA). In Example 1 the slurry in the reaction medium comprised about 28-weight percent solids. In Example 2,
the slurry in the reaction medium comprised about 38-weight percent solids. These examples demonstrate that the
amount of solids in the reaction medium affects performance with respect to formation of undesirable impurities.
[0153] Examples 1 and 2 employed a commercial bubble column reaction vessel having a nearly vertical, essentially
cylindrical main body with an inside diameter of about 2.44-meters. The height of the cylindrical main body was about
32-meters from lower tangent line (TL) to upper TL of the cylindrical main body. The vessel was fitted with 2:1 elliptical
heads at the top and bottom of the cylindrical main body. The overall height of the reaction vessel was about 33.2-
meters. The mass of slurry within the vertical cylinder of the reaction vessel was maintained about constant at about
63,500-kilograms. The feed rate of commercial purity para-xylene was effectively steady at a rate of about 101-kilograms
per minute through a circular hole located in the wall of the main body at an elevation about 4.35-meters above the lower
TL of the vessel. The internal circular diameter of said wall hole was about 0.076-meters. A filtrate solvent was fed
intimately commingled with the para-xylene at an effectively steady rate. This filtrate solvent was from a plant recycle
system and was comprised above about 97 weight percent of acetic acid and water. The flow rate of the filtrate solvent
and the concentration of catalyst components in the filtrate solvent were such that the composition within the liquid phase
of the reaction medium was about 2,100-ppmw of cobalt, about 1,900-ppmw of bromine, and about 125-ppmw of man-
ganese. A separate stream of reflux solvent was fed as droplets into the gas-disengaging zone above the operating
level of the reaction medium at an effectively steady rate. This reflux solvent was comprised of above about 99 weight
percent of acetic acid and water; and the reflux solvent was from a separate plant recycle system that was without
significant levels of catalyst components. The oxidant was compressed air fed at an effectively steady at a rate of about
450-kilograms per minute through an oxidant sparger similar to the one shown in FIGS. 2-5. This oxidant sparger
comprised a mitered flow conduit that was approximately an equal-sided octagon with a crossing member connecting
from one side to the opposite side and traversing through the vertical axis of symmetry of the reaction vessel. The mitered
flow conduit was made from nominal 12-inch Schedule 10S piping components. The width of the octagon from the
centroid of one side of the flow conduit to the centroid of the opposite side was about 1.83-meters. The octagon lay
approximately horizontal, and the mid-elevation of the octagonal conduit was about 0.11-meters above the lower TL of
the reaction vessel. The oxidant sparger contained about 75 circular holes that were about 0.025-meters in diameter.
Said holes were situated approximately uniformly around said octagon and cross member, lying near the top of said 12-
inch piping. There was one circular hole with diameter of about 0.012-meters near the bottom of one side only of the
octagonal conduit. The operating pressure in the reactor overhead gas was steadily about 0.46 megapascal gauge. The
reactor was operated in a substantially adiabatic manner so that the heat of reaction elevated the temperature of the
incoming feeds and evaporated much of the incoming solvent. An exiting slurry comprising CTA was removed from near
the bottom of the lower elliptical head of the reaction vessel with an effectively steady rate of CTA flow, though the
amount of liquid in the slurry varies as described below.
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EXAMPLE 1

[0154] In this example, the composition of the slurry was controlled with about 28-weight percent solids. This was
done by adjusting the feed rate of filtrate solvent to about 1,421-kilograms per minute and the feed rate of reflux solvent
to about 374-kilograms per minute. The combined water content of the filtrate solvent feed and of the reflux solvent feed
was such that the concentration of water within the liquid phase of the reaction medium was about 5.7 weight percent.
Measured near the mid-elevation of the reaction medium, the operating temperature was about 157°C.

EXAMPLE 2

[0155] In this example, the composition of the slurry was controlled with about 38-weight percent solids. This was
done by adjusting the feed rate of filtrate solvent to about 775-kilograms per minute and the feed rate of reflux solvent
to about 791-kilograms per minute. The combined water content of the filtrate solvent feed and of the reflux solvent feed
was such that the concentration of water within the liquid phase of the reaction medium was about 6.2 weight percent.
Measured near the mid-elevation of the reaction medium, the operating temperature was about 159°C. Despite the
higher solids fraction of the slurry in Example 2, no difficulties were observed in operation of the slurry bubble column
or in transfer of the slurry to downstream unit operations.
[0156] There are many impurities typically produced by the coupling of aromatic rings during the partial oxidation of
para-xylene. One of these is 4-4’-dicarboxystilbene. This compound has a much higher absorption of light than terephthalic
acid has, and it thus reduces the optical transmittance of the intended product. In addition, 4-4’-dicarboxystilbene is a
convenient impurity to use in monitoring the quality of oxidation because it partitions selectively to the solid phase of the
reaction medium; in particular, virtually no 4-4’-dicarboxystilbene was present in the recycle solvent streams being fed
to the commercial bubble column reactors disclosed in Examples 1 and 2.
[0157] In Examples 1 and 2, the concentration of 4-4’-dicarboxystilbene was measured with an analytical method
employing HPLC-DAD calibrated with a suitable reference mixture comprising solvent and known amounts of several
analytes, specifically including a known amount of 4-4’-dicarboxystilbene. The HPLC-DAD analytical method is described
in above Detailed Description section.
[0158] The results of analyses of 4-4’-dicarboxystilbene (DCS) sample analyses for Examples 1 and 2 are shown in
FIG. 36. These data include about 40 samples of CTA slurry from the oxidizer underflow taken over a period of about
5 days. Each of the CTA slurry samples was separated into liquid and solid phases before analysis. In addition, a large
number of samples of the filtrate feed were analyzed, and a mass balance calculation was performed (i.e., net mass of
species X created in oxidizer = mass of species X flowing out - mass of species X flowing in). From this mass balance, .a
calculation was made of the ratio of the rate of DCS creation to the rate of CTA creation. All of the individual analyses
and the individual mass balance ratios were plotted versus the left-hand axis where the scale is in parts per million by
weight (ppmw). In addition, FIG. 36 displays on the right hand axis the weight percent solids in the slurry, as measured
by an on-line instrument, which was validated by numerous off-line gravimetric sample analyses.
[0159] These data demonstrate that the production of 4-4’-dicarboxystilbene was statistically and significantly elevated
when higher solids loadings were employed in Example 2. With 28-weight percent solids within the slurry for Example
1, the average level of 4-4’-dicarboxystilbene generation was 5.7-ppmw. With 38-weight percent solids within the slurry
for Example 2, the average level of 4-4’-dicarboxystilbene generation was 8.2-ppmw. This is an increase of 44-percent.
In addition, note that the production of 4-4’-dicarboxystilbene dropped rapidly at the right hand side of FIG. 36 as the
experiment was brought to a conclusion and the solids level was lowered to about 33-weight percent. Furthermore,
many other troublesome colored impurities were observed to increase much the same as 4-4’-dicarboxystilbene when
the weight fraction of solids in the slurry was at the higher level of Example 2. Thus, in an oxidation reactor comprising
solids, too high of a fraction of solids causes important, detrimental effects on the selectivity of oxidation. That is, there
is a preferred upper limit on the solids fraction within the oxidizer that is unexpectedly less than indicated by consideration
of maintaining hydraulic stability of the slurry within the reactor and in post-reactor transfer operations. In addition, there
is a lower limit on solids concentration below which fraction the incremental benefit on the selectivity of the oxidation is
diminished to relative unimportance; and equipment sizing and plant energy consumption dominate design and operation
in this regime.

Claims

1. An oxidation process comprising: oxidizing para-xylene in a liquid phase of a three-phase reaction medium (36)
having a maximum height H, a maximum width W and an H:W ratio of at least 3:1, said reaction medium (36)
comprising a solid phase, a liquid phase and a gas phase contained in a reaction zone (28) of a bubble column
reactor (20), wherein said oxidizing forms crude terephthalic acid in said reaction medium (36), characterized in
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that the amount of solids present in said reaction medium (36) is maintained in the range of from 15 to 30 weight
percent on a time-averaged and volume-averaged basis, wherein the term "time-averaged" shall denote an average
of at least 10 measurements taken equally over a continuous period of at least 100 seconds, and the term "volume-
averaged" shall denote an average of at least 10 measurements taken at uniform 3-dimensional spacing throughout
a certain volume; and wherein a predominantly gas-phase oxidant stream comprising molecular oxygen is introduced
into said reaction zone (28) via oxidant sparger (34), wherein sparger (34) includes a ring member (60), a cross-
member (62) and a pair of oxidant entry conduits (64a, b), wherein ring member (60) and cross.member (62) each
represent a plurality of upper oxidant openings (68) for discharging the oxidant stream upwardly into reaction zone
(28), and wherein ring member (60) and/or cross-member (62) present one or more lower oxidant openings (70) for
discharging the oxidant stream downwardly into reaction zone (28), and wherein more than 50 percent of said
molecular oxygen enters said reaction zone (28) within 0.25 W of the bottom (52) of said reaction zone (28).

2. The process of claim 1, characterized in that the volume fraction of the reaction medium (36) with low gas hold-
up is minimized, wherein said minimization can be quantified by theoretically partitioning the entire volume of the
reaction medium (36) into 2,000 discrete horizontal slices of equal volume, wherein less than 40 of said horizontal
slices have an average gas hold-up less than 0.3, wherein the gas hold-up of said reaction medium is maintained
above 0.4 on the time-averaged and volume-averaged basis, and wherein the gas hold-up is the volume fraction of
the multi-phase medium that is in the gaseous state.

3. The process of claim 1, characterized in that the gas hold-up of said reaction medium (36) is maintained in the
range of from 0.6 to 0.9 on the time-averaged and volume-averaged basis.

4. The process of claim 1, characterized in that that the volume fraction of the reaction medium (36) with low gas
hold-up is minimized, wherein said minimization can be quantified by theoretically partitioning the entire volume of
the reaction medium (36) by theoretically partitioning the entire volume of the reaction medium (36) into 2,000
discrete horizontal slices of equal volume, wherein less than 20 of said horizontal slices have a gas hold-up less
than 0.3 on the time-averaged and volume-averaged basis, wherein the gas hold-up of said reaction medium (36)
is maintained in the range of from 0.65 to 0.85 on the time-averaged and volume-averaged basis.

5. The process of claim 1, characterized in that at least 10 weight percent of said para-xylene forms solid crude
terephthalic acid particles in said reaction medium (36).

6. The process of claim 1, characterized in that said oxidizing is carried out in the presence of a catalyst system
comprising cobalt.

7. The process of claim 6, characterized in that said catalyst system further comprises bromine and manganese.

8. The process of claim 1, characterized in that said H:W ratio is in the range of from 8:1 to 20:1

9. The process of claim 1, characterized in that said process further comprises introducing a predominately liquid-
phase stream comprising said para-xylene into said reaction zone (28).

10. The process of claim 9, characterized in that said predominately liquid-phase feed stream comprises acetic acid.

11. The process of claim 10, characterized in that at least 50 weight percent of said para-xylene enters said reaction
zone (28) within 2.5 W of the lowest location where said molecular oxygen enters said reaction zone.

12. The process of claim 11, characterized in that said feed stream is introduced into said reaction zone (28) via a
plurality of feed openings (32a, b, c, d), wherein at least two of said feed openings are vertically spaced from one
another by at least 0.5 W.

13. The process of claim 1, characterized in that said para-xylene is introduced into said reaction zone (28) at a mass
flow rate of at least 8,000 kilograms per hour.

14. The process of claim 1, characterized in that said para-xylene is introduced into said bubble column reactor (20)
at a mass flow rate in the range of from 18,000 to 50,000 kilograms per hour, wherein said para-xylene is introduced
into said reaction zone (28) at a space-time rate in the range of from 35 to 150 kilograms per cubic meter per hour.
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15. The process of claim 1, characterized in that said process further comprises subjecting at least a portion of said
crude terephthalic acid to oxidation in a secondary oxidation reactor.

16. The process of claim 15, characterized in that said oxidizing in said secondary oxidation reactor is carried out at
an average temperature of at least 10 °C greater than said oxidizing in said initial oxidation reactor.

17. The process of claim 15, characterized in that said oxidizing in said secondary oxidation reactor is carried out at
an average temperature in the range of from 20 to 80 °C greater than the average temperature of said bubble column
reactor (20), wherein said oxidizing in said bubble column reactor (20) is carried out at an average temperature in
the range of from 140 to 180 °C, wherein said oxidizing in said secondary oxidation reactor is carried out at an
average temperature in the range of from 180 to 220 °C.

18. The process of claim 1, wherein said oxidizing causes the formation of crude terephthalic acid particles in said
reaction medium (36), characterized in that a representative sample of said crude terephthalic acid particles has
one or more of the following characteristics:

(i) contains less than 12 ppmw of 4,4-dicarboxystilbene (4,4-DCS),
(ii) contains less than 800 ppmw of isophthalic acid (IPA),
(iii) contains less than 100 ppmw of 2,6-dicarboxyfluorenone (2,6-DCF),
(iv) has a percent transmittance at 340 nanometers (%T340) greater than 25.

19. The process of claim 1, wherein said oxidizing causes the formation of solid particles of said crude terephthalic acid
in said reaction medium (36), characterized in that a representative sample of said crude terephthalic acid particles
dissolves in one minute to a concentration of at least 500 ppm in THF when subjected to the timed dissolution test
defined herein.

20. The process of claim 1, wherein said oxidizing causes the formation of solid particles of said crude terephthalic acid
in said reaction medium (36), characterized in that a representative sample of said crude terephthalic acid particles
has a time constant "C" greater than 0.5 reciprocal minutes as determine by the timed dissolution model defined
herein.

21. The process of claim 1, wherein said oxidizing causes the formation of solid particles of said crude terephthalic acid
in said reaction medium (36), characterized in that a representative sample of said crude terephthalic acid particles
has an average BET surface area greater than 0.6 meters squared per gram.

22. The process of claim 1, wherein said oxidizing causes the formation of solid particles of said crude terephthalic acid
in said reaction medium (36), characterized in that a representative sample of said crude terephthalic acid particles
has a mean particle size in the range of from 20 to 150 microns.

23. The process of claim 1, wherein said oxidizing causes the formation of solid particles of said crude terephthalic acid
in said reaction medium (36), characterized in that a representative sample of said crude terephthalic acid particles
has a D(v,0.9) particle size in the range of from 30 to 150 microns, wherein D(v,0.9) is the particle size for which 90
percent of the total sample volume is smaller and 10 percent is larger.

Patentansprüche

1. Oxidationsverfahren, welches aufweist:

ein Oxidieren von para-Xylol in einer flüssigen Phase eines dreiphasigen Reaktionsmediums (36), welches eine
maximale Höhe H, eine maximale Breite W und ein Verhältnis von H zu W von mindestens 3 zu 1 aufweist,
wobei das Reaktionsmedium (36) eine feste Phase, eine flüssige Phase und eine gasförmige Phase in einer
Reaktionszone (28) eines Blasensäulenreaktors (20) aufweist, wobei das Oxidieren eine unaufgereinigteTere-
phthalsäure in dem Reaktionsmedium (36) bildet, dadurch gekennzeichnet, dass
die Menge an in dem Reaktionsmedium (36) vorhandenen Feststoffen in einem Bereich von 15 bis 30 Ge-
wichtsprozent auf einer zeitlich gemittelten und im Volumen gemittelten Basis gehalten wird, wobei der Begriff
"zeitlich gemittelt" einen Durchschnitt von mindestens 10 Messungen bezeichnen soll, die gleichmäßig über
einen kontinuierlichen Zeitraum von mindestens 100 Sekunden genommen worden sind, und wobei der Begriff
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"im Volumen gemittelt" einen Durchschnitt von mindestens 10 Messungen darstellt, die bei einem gleichmäßigen
dreidimensionalen Abstand über ein bestimmtes Volumen genommen worden sind, und
wobei ein vorwiegend gasförmiger Oxidationsmittelstrom, der molekularen Sauerstoff enthält, über einen Oxi-
dationsmittelverteiler (34) in die Reaktionszone (28) eingeführt wird, wobei der Verteiler (34) ein Ringelement
(60), ein Querelement (62) und einem Paar an Oxidationsmitteleinführungskanälen (64a, b) aufweist, wobei
das Ringelement (60) und das Querelement (62) jeweils eine Vielzahl von oberen Oxidationsmittelöffnungen
(68) zur Abgabe des Oxidationsmittelstroms nach oben in die Reaktionszone (28) aufweisen, und wobei das
Ringelement (60) und / oder das Querelement (62) eine oder mehrere Oxidationsmittelöffnungen (70) zur
Ableitung des Oxidationsmittelstroms nach unten in die Reaktionszone (28) aufweisen, und wobei mehr als 50
Prozent des vorliegenden molekularen Sauerstoffs in die Reaktionszone (28) innerhalb von 0,25 W des Bodens
(52) der Reaktionszone (28) eintritt.

2. Verfahren nach Anspruch 1, dadurch gekennzeichnet, dass der Volumenanteil des Reaktionsmediums (36) bei
einem geringen Gasrückhalt minimiert wird, wobei die Minimierung durch eine theoretische Aufteilung des gesamten
Volumens des Reaktionsmediums (36) in 2.000 diskrete horizontale Scheiben von gleichen Volumen quantifiziert
werden kann, wobei weniger als 40 der horizontalen Scheiben einen durchschnittlichen Gasrückhalt von weniger
als 0,3 aufweisen, wobei der Gasrückhalt des Reaktionsmediums über 0,4 auf der zeitlich gemittelten und im Volumen
gemittelten Basis gehalten wird, wobei der Gasrückhalt der Volumenanteil des mehrphasigen Mediums ist, der sich
in einem gasförmigen Zustand befindet.

3. Verfahren nach Anspruch 1, dadurch gekennzeichnet, dass der Gasrückhalt des Reaktionsmediums (36) in einem
Bereich von 0,6 bis 0,9 auf der zeitlich gemittelten und im Volumen gemittelten Basis gehalten wird.

4. Verfahren nach Anspruch 1, dadurch gekennzeichnet, dass der Volumenanteil des Reaktionsmediums (36) bei
einem geringen Gasrückhalt minimiert wird, wobei die Minimierung durch eine theoretische Aufteilung des gesamten
Volumens des Reaktionsmediums (36) quantifiziert werden kann, indem das gesamte Volumens des Reaktions-
mediums (36) in 2.000 diskrete horizontale Scheiben von gleichen Volumen aufgeteilt wird, wobei weniger als 20
der horizontalen Scheiben auf der zeitlich gemittelten und im Volumen gemittelten Basis einen Gasrückhalt von
weniger als 0,3 aufweisen, wobei der Gasrückhalt des Reaktionsmediums (36) in einem Bereich von 0,65 bis 0,85
auf der zeitlich gemittelten und im Volumen gemittelten Basis gehalten wird.

5. Verfahren nach Anspruch 1, dadurch gekennzeichnet, dass mindestens 10 Gewichtsprozent des para-Xylols
feste Teilchen der unaufgereinigten Terephthalsäure in dem Reaktionsmedium (36) bilden.

6. Verfahren nach Anspruch 1, dadurch gekennzeichnet, dass das Oxidieren in Gegenwart eines Kobalt enthaltenden
Katalysatorsystems durchgeführt wird.

7. Verfahren nach Anspruch 6, dadurch gekennzeichnet, dass das Katalysatorsystem ferner Brom und Mangan
aufweist.

8. Verfahren nach Anspruch 1, dadurch gekennzeichnet, dass das Verhältnis von H zu W in einem Bereich von 8
zu 1 bis 20 zu 1 liegt.

9. Verfahren nach Anspruch 1, dadurch gekennzeichnet, dass das Verfahren ferner ein Einführen eines Stroms
einer überwiegend flüssigen Phase, welche das para-Xylol aufweist, in die Reaktionszone (28) aufweist.

10. Verfahren nach Anspruch 9, dadurch gekennzeichnet, dass der Beschickungsstrom der überwiegend flüssigen
Phase eine Essigsäure aufweist.

11. Verfahren nach Anspruch 10, dadurch gekennzeichnet, dass mindestens 50 Gewichtsprozent des para-Xylols in
die Reaktionszone (28) innerhalb von 2,5 W der niedrigsten Stelle eintreten, bei der der molekulare Sauerstoff in
die Reaktionszone eintritt.

12. Verfahren nach Anspruch 11, dadurch gekennzeichnet, dass der Beschickungsstrom in die Reaktionszone (28)
über eine Vielzahl von Zufuhröffnungen (32a, b, c, d) eingeführt wird, wobei mindestens zwei der Zufuhröffnungen
vertikal zueinander um mindestens 0,5 W beabstandet angeordnet sind.

13. Verfahren nach Anspruch 1, dadurch gekennzeichnet, dass das para-Xylol in die Reaktionszone (28) bei einer
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Massendurchflußrate von mindestens 8.000 Kilogramm pro Stunde eingebracht wird.

14. Verfahren nach Anspruch 1, dadurch gekennzeichnet, dass das para-Xylol in den Blasensäulenreaktor (20) bei
einer Massendurchflußrate in einem Bereich von 18.000 bis 50.000 Kilogramm pro Stunde eingeführt wird, wobei
das para-Xylol in die Reaktionszone (28) mit einer Raum-Zeit-Rate in einem Bereich von 35 bis 150 Kilogramm pro
Kubikmeter pro Stunde eingeführt wird.

15. Verfahren nach Anspruch 1, dadurch gekennzeichnet, dass das Verfahren ferner aufweist, dass wenigstens ein
Teil der unaufgereinigten Terephthalsäure einer Oxidation in einem sekundären Oxydationsreaktor unterworfen wird.

16. Verfahren nach Anspruch 15, dadurch gekennzeichnet, dass das Oxidieren in dem sekundären Oxidationsreaktor
bei einer durchschnittlichen Temperatur durchgeführt wird, die mindestens 10 °C höher als bei dem Oxidieren in
dem ersten Oxidationsreaktor ist.

17. Verfahren nach Anspruch 15, dadurch gekennzeichnet, dass das Oxidieren in dem sekundären Oxidationsreaktor
bei einer durchschnittlichen Temperatur durchgeführt wird, die in einem Bereich von 20 bis 80 °C höher als die
durchschnittliche Temperatur des Blasensäulenreaktors (20) ist, wobei das Oxidieren in dem Blasensäulenreaktor
(20) bei einer durchschnittlichen Temperatur in einem Bereich von 140 bis 180 °C durchgeführt wird, wobei das
Oxidieren in dem sekundären Oxidationsreaktor bei einer durchschnittlichen Temperatur in einem Bereich von 180
bis 220 °C durchgeführt wird.

18. Verfahren nach Anspruch 1, wobei das Oxidieren die Bildung von Teilchen der unaufgereinigten Terephthalsäure
in dem Reaktionsmedium (36) bewirkt, dadurch gekennzeichnet, dass eine repräsentative Probe der Teilchen
der unaufgereinigten Terephthalsäure eine oder mehrere der folgenden Eigenschaften aufweist:

(i) sie enthält weniger als 12 ppmw an 4,4-Dicarboxystilben (4,4-DCS),
(ii) sie enthält weniger als 800 ppmw an Isophthalsäure (IPA),
(iii) sie enthält weniger als 100 ppmw an 2,6-Dicarboxyfluorenon (2,6-DCF),
(iv) sie weist eine Durchlässigkeit bei 340 Nanometer (%T340) von mehr als 25 Prozent auf.

19. Verfahren nach Anspruch 1, wobei das Oxidieren die Bildung von festen Teilchen der unaufgereinigten Terephthal-
säure in dem Reaktionsmedium (36) bewirkt, dadurch gekennzeichnet, dass sich eine repräsentative Probe der
Teilchen der unaufgereinigten Terephthalsäure in einer Minute auf eine Konzentration von Mindestens 500 ppm in
THF auflöst, wenn sie dem hierin definierten zeitlichen Auflösungstest unterzogen werden.

20. Verfahren nach Anspruch 1, wobei das Oxidieren die Bildung von festen Teilchen der unaufgereinigten Terephthal-
säure in dem Reaktionsmedium (36) bewirkt, dadurch gekennzeichnet, dass eine repräsentative Probe der Teil-
chen der unaufgereinigten Terephthalsäure eine Zeitkonstante "C" aufweist, die größer als 0,5 reziproke Minuten
ist, wie durch das zeitgesteuerte Auflösungsmodell bestimmt wird.

21. Verfahren nach Anspruch 1, wobei das Oxidieren die Bildung von festen Teilchen der unaufgereinigten Terephthal-
säure in dem Reaktionsmedium (36) bewirkt, dadurch gekennzeichnet, dass eine repräsentative Probe der Teil-
chen der unaufgereinigten Terephthalsäure eine durchschnittliche BET-Oberfläche aufweist, die größer als 0,6
Quadratmeter pro Gramm ist.

22. Verfahren nach Anspruch 1, wobei das Oxidieren die Bildung von festen Teilchen der unaufgereinigten Terephthal-
säure in dem Reaktionsmedium (36) bewirkt, dadurch gekennzeichnet, dass eine repräsentative Probe der Teil-
chen der unaufgereinigten Terephthalsäure eine mittlere Teilchengröße in einem Bereich von 20 bis 150 mm aufweist.

23. Verfahren nach Anspruch 1, wobei das Oxidieren die Bildung von festen Teilchen der unaufgereinigten Terephthal-
säure in dem Reaktionsmedium (36) bewirkt, dadurch gekennzeichnet, dass eine repräsentative Probe der Teil-
chen der unaufgereinigten Terephthalsäure eine D(v,0,9) Teilchengröße in einem Bereich von 30 bis 150 Mikron
aufweist, wobei D(v,0,9) die Teilchengröße ist, für die 90 Prozent des gesamten Probenvolumens kleiner sind und
für die 10 Prozent größer sind.
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Revendications

1. Procédé d’oxydation comprenant : l’oxydation de para-xylène dans une phase liquide d’un milieu réactionnel à trois
phases (36) ayant une hauteur maximum H, une largeur maximum W et un rapport H:W d’au moins 3:1, ledit milieu
réactionnel (36) comprenant une phase solide, une phase liquide et une phase gazeuse contenues dans une zone
de réaction (28) d’un réacteur de colonne à bulles (20), dans lequel ladite oxydation forme de l’acide téréphtalique
brut dans ledit milieu réactionnel (36), caractérisé en ce que la quantité de matières solides présente dans ledit
milieu réactionnel (36) est maintenue dans l’intervalle de 15 à 30 pourcent en masse sur une base moyennée en
temps et moyennée en volume, dans lequel le terme "moyennée en temps" indiquera une moyenne d’au moins 10
mesures prises également sur une période continue d’au moins 100 secondes, et le terme "moyennée en volume"
indiquera une moyenne d’au moins 10 mesures prises à un espacement 3-dimensionnel uniforme d’un bout à l’autre
d’un certain volume ; et dans lequel un courant d’oxydant de manière prédominante en phase gazeuse comprenant
de l’oxygène moléculaire est introduit dans ladite zone de réaction (28) via un arroseur d’oxydant (34), dans lequel
l’arroseur (34) comprend un élément annulaire (60), une traverse (62) et une paire de conduits d’entrée d’oxydant
(64a, b), dans lequel l’élément annulaire (60) et la traverse (62) représentent chacun plusieurs ouvertures d’oxydant
supérieures (68) pour évacuer le courant d’oxydant vers le haut dans une zone de réaction (28), et dans lequel
l’élément annulaire (60) et/ou la traverse (62) présentent une ou plusieurs ouvertures d’oxydant inférieures (70)
pour évacuer le courant d’oxydant vers le bas dans une zone de réaction (28), et dans lequel plus de 50 pourcent
dudit oxygène moléculaire entrent dans ladite zone de réaction (28) dans 0,25 W du fond (52) de ladite zone de
réaction (28).

2. Procédé selon la revendication 1, caractérisé en ce que la fraction de volume du mélange réactionnel (36) avec
une faible retenue de gaz est minimisée, dans lequel ladite minimisation peut être quantifiée par partition théorique
du volume entier du milieu réactionnel (36) en 2 000 tranches horizontales discrètes de volume égal, dans lequel
moins de 40 desdites tranches horizontales présentent une retenue de gaz moyenne inférieure à 0,3, dans lequel
la retenue de gaz dudit milieu réactionnel est maintenue au-dessus de 0,4 sur la base moyennée en temps et
moyennée en volume, et dans lequel la retenue de gaz est la fraction de volume du milieu à phases multiples qui
est dans l’état gazeux.

3. Procédé selon la revendication 1, caractérisé en ce que la retenue de gaz dudit milieu réactionnel (36) est maintenue
dans l’intervalle de 0,6 à 0,9 sur la base moyennée en temps et moyennée en volume.

4. Procédé selon la revendication 1, caractérisé en ce que la fraction de volume du milieu réactionnel (36) avec une
faible retenue de gaz est minimisée, dans lequel ladite minimisation peut être quantifiée par partition théorique du
volume entier du milieu réactionnel (36) en 2 000 tranches horizontales discrètes de volume égal, dans lequel moins
de 20 desdites tranches horizontales présentent une retenue de gaz inférieure à 0,3 sur la base moyennée en temps
et moyennée en volume, dans lequel la retenue de gaz dudit milieu réactionnel (36) est maintenue dans l’intervalle
de 0,65 à 0,85 sur la base moyennée en temps et moyennée en volume.

5. Procédé selon la revendication 1, caractérisé en ce qu’au moins 10 pourcent en masse dudit paraxylène forment
des particules solides d’acide téréphtalique brut dans ledit milieu réactionnel (36).

6. Procédé selon la revendication 1, caractérisé en ce que ladite oxydation est réalisée en présence d’un système
de catalyseur comprenant du cobalt.

7. Procédé selon la revendication 6, caractérisé en ce que ledit système de catalyseur comprend de plus du brome
et du manganèse.

8. Procédé selon la revendication 1, caractérisé en ce que ledit rapport H:W se trouve dans l’intervalle de 8:1 à 20:1.

9. Procédé selon la revendication 1, caractérisé en ce que ledit procédé comprend de plus l’introduction d’un courant
de manière prédominante en phase liquide comprenant ledit para-xylène dans ladite zone de réaction (28).

10. Procédé selon la revendication 9, caractérisé en ce que ledit courant d’alimentation de manière prédominante en
phase liquide comprend de l’acide acétique.

11. Procédé selon la revendication 10, caractérisé en ce qu’au moins 50 pourcent en masse dudit para-xylène entrent
dans ladite zone de réaction (28) dans 2,5 W de la position la plus basse où ledit oxygène moléculaire entre dans
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ladite zone de réaction.

12. Procédé selon la revendication 11, caractérisé en ce que ledit courant d’alimentation est introduit dans ladite zone
de réaction (28) via plusieurs ouvertures d’alimentation (32a, b, c, d), dans lequel au moins deux desdites ouvertures
d’alimentation sont verticalement espacées l’une de l’autre par au moins 0,5 W.

13. Procédé selon la revendication 1, caractérisé en ce que ledit para-xylène est introduit dans ladite zone de réaction
(28) à un débit massique d’au moins 8 000 kilogrammes par heure.

14. Procédé selon la revendication 1, caractérisé en ce que ledit para-xylène est introduit dans ledit réacteur de colonne
à bulles (20) à un débit massique dans l’intervalle de 18 000 à 50 000 kilogrammes par heure, dans lequel ledit
para-xylène est introduit dans ladite zone de réaction (28) à une vitesse espace-temps dans l’intervalle de 35 à 150
kilogrammes par mètre cube par heure.

15. Procédé selon la revendication 1, caractérisé en ce que ledit procédé comprend de plus la soumission d’au moins
une portion dudit acide téréphtalique brut à une oxydation dans un réacteur d’oxydation secondaire.

16. Procédé selon la revendication 15, caractérisé en ce que ladite oxydation dans ledit réacteur d’oxydation secondaire
est réalisée à une température moyenne d’au moins 10°C supérieure à ladite oxydation dans ledit réacteur d’oxy-
dation initial.

17. Procédé selon la revendication 15, caractérisé en ce que ladite oxydation dans ledit réacteur d’oxydation secondaire
est réalisée à une température moyenne dans l’intervalle de 20 à 80°C supérieure à la température moyenne dudit
réacteur de colonne à bulles (20), dans lequel ladite oxydation dans ledit réacteur de colonne à bulles (20) est
réalisée à une température moyenne dans l’intervalle de 140 à 180°C, dans lequel ladite oxydation dans ledit
réacteur d’oxydation secondaire est réalisé à une température moyenne dans l’intervalle de 180 à 220°C.

18. Procédé selon la revendication 1, dans lequel ladite oxydation occasionne la formation de particules d’acide téréph-
talique brut dans ledit milieu de réactionnel (36), caractérisé en ce qu’un échantillon représentatif desdites particules
d’acide téréphtalique brut présente une ou plusieurs des caractéristiques suivantes :

(i) contient moins de 12 ppm en masse de 4,4-dicarboxystilbène (4,4-DCS),
(ii) contient moins de 800 ppm en masse d’acide isophtalique (IPA),
(iii) contient moins de 100 ppm en masse de 2,6-dicarboxyfluorénone (2,6-DCF),
(iv) présente un pourcentage de capacité de transmission à 340 nanomètres (% T340) supérieur à 25.

19. Procédé selon la revendication 1, dans lequel l’oxydation occasionne la formation de particules solides dudit acide
téréphtalique brut dans ledit milieu réactionnel (36), caractérisé en ce qu’un échantillon représentatif desdites
particules d’acide téréphtalique brut se dissous en une minute à une concentration d’au moins 500 ppm dans THF
lorsqu’il est soumis au test de dissolution chronométrée défini ici.

20. Procédé selon la revendication 1, dans lequel ladite oxydation occasionne la formation de particules solides dudit
acide téréphtalique brut dans ledit milieu réactionnel (36), caractérisé en ce qu’un échantillon représentatif desdites
particules d’acide téréphtalique brut présente une constante de temps "C" supérieure à 0,5 minute réciproque
comme déterminée par le modèle de dissolution chronométrée défini ici.

21. Procédé selon la revendication 1, dans lequel ladite oxydation occasionne la formation de particules solides dudit
acide téréphtalique brut dans ledit milieu réactionnel (36), caractérisé en ce qu’un échantillon représentatif desdites
particules d’acide téréphtalique brut présente une surface spécifique BET moyenne supérieure à 0,6 mètre carré
par gramme.

22. Procédé selon la revendication 1, dans lequel ladite oxydation occasionne la formation de particules solides dudit
acide téréphtalique brut dans ledit milieu réactionnel (36), caractérisé en ce qu’un échantillon représentatif desdites
particules d’acide téréphtalique brut présente une taille moyenne de particules dans l’intervalle de 20 à 150 microns.

23. Procédé selon la revendication 1, dans lequel ladite oxydation occasionne la formation de particules solides dudit
acide téréphtalique brut dans ledit milieu réactionnel (36), caractérisé en ce qu’un échantillon représentatif desdites
particules d’acide téréphtalique brut présente une taille de particules D(v,0,9) dans l’intervalle de 30 à 150 microns,
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dans lequel D(v,0,9) est la taille dé particules pour laquelle 90 pourcent du volume d’échantillon total sont inférieurs
et 10 pourcent sont supérieurs.
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