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. Ammonia production process

This invention relates to an ammonia production process in which the energy consumption can be
smaller than in previously used processes.
The commonest ammonia production process comprises the following reactions in sequence:

1. Primary steam-hydrocarbon reforming CH,+H,0-CO+3H,
2. Secondary reforming CH,+0-CO+2H,
3. Shift CO+H,0-CO,+H,
4. Carbon oxides removal

5. Ammonia synthesis N,+3H,~2NH,

Reaction 1 proceeds incompietely in economic conditions of steam ratio, temperature and
pressure but the small percentage of unreacted methane can be largely converted in reaction 2, which
is carried out by feeding preheated air into the hot gas leaving reaction 1 and bringing the reaction
mixture towards equilibrium over a catalyst. Usually the conditions in reaction 1 are chosen so that the
quantity of air required in reaction 2 to provide oxygen also introduces the correct proportion of
nitrogen required in reaction 5. It has, however, been proposed (UK specifications GB—A 1156002,
GB—A 1156003) to have substantially more methane in the gas leaving reaction 1, to use more air in
reaction 2 and to remove the resulting excess of nitrogen cryogenicaily between reactions 4 and 5.

We have now realised that, especially when reaction 5 is to be carried out at a substantially lower
pressure than that contemplated in GB—A 1156002 and GB—A 1156003, the removal of excess
nitrogen can be with advantage carried out after ammonia synthesis instead of before it. It has been
proposed in UK specification GB—A 1460681 to treat a purge stream of ammonia synthesis gas after
synthesis to separate a hydrogen enriched stream and to recycle such a stream to the synthesis;
however, such a step is in combination with a conventional ammonia production process not using
excess air in the secqndary reformer.

A process of ammonia production with little or no compression of synthesis gas is proposed in UK
specification GB—A 1186939, without consideration of many problems involved in an industrially
practicable process. A process of steam hydrocarbon reforming at higher than normal pressures, so as
inter alia to decrease the power consumed in synthesis gas compression, is described in US patent
US—A 3081268; however, whereas the conversion of methane in the primary reformer is therein
disclosed conventionally to have been as low as 65%, corresponding to a methane content of over 10%
in the primary reformer gas, the secondary reformer air feed rate is controlled to give a hydrogen:
nitrogen ratio of 3.

As will be described, in one form of our process reaction 5 is carried out in the presence of a
catalyst containing iron, promoting compounds and cobalt, in order to afford maximum activity and to
compensate for the lower rate of reaction due to low pressure. An ammonia synthesis catalyst
containing iron and cobalt has been described in US patent US—A 3839229, but this patent does not
disclose the use of such a catalyst in the process sequence according to the present invention.

Further, as will be described, in one form of our process ammonia is recovered from reacted
synthesis gas by absorption in water. Such a method of ammonia recovery is described in above-cited
UK specification GB—A 1186939 and a more detailed description is given in UK specification GB—A
1115952, Neither of these references discloses the application of that method in the process sequence
according to the present invention.

Reference will be made to the names “Benfield”, “Vetrocoke™, “Catacarb”, “Suifinol”, “Fluor”,
“Purisol”, “Rectisol” and “Selexol”. These names are Registered Trade Marks or are otherwise
proprietary to companies making design data available under licence.

Our ammonia production process comprises

{a) primary catalytically reforming at superatmospheric pressure a hydrocarbon feedstock with
steam in conditions of steam-to-carbon ratio, pressure and temperature to produce a gas containing
carbon oxides, hydrogen and at least 10% v/v methane;

{b) secondary catalytically reforming the gas from step (a) by introducing air and bringing the
mixture towards equilibrium, whereby to produce a gas containing nitrogen, carbon oxides, hydrogen
and a decreased quantity of methane; the quantity of air being sufficient introduce 1 molecule of
nitrogen per 2.0 to 2.9 molecules of hydrogen;

{c) converting carbon monoxide catalytically with steam to carbon dioxide and hydrogen;

(d) removing carbon oxides to give a nitrogen-hydrogen ammonia synthesis gas;

(e) reacting the synthesis gas to produce ammonia and recovering ammonia from the reacted gas;

{f) treating synthesis gas after reaction to synthesise ammonia to separate a stream enriched in
hydrogen and returning the enriched stream to the synthesis; and

(g} discarding non-reactive gases present in the synthesis gas.

In this specification the term “step” will be used in referring to the major operations listed above
and the term “stage’ in referring to detailed operations within the steps.
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The hydrocarbon feedstock is suitably methane or other steam reformable hydrocarbon such as a
normally gaseous or liquid hydrocarbon boiling at up to about 220°C. The primary cataiytic reforming
can be in one stage, over a catalyst externally heated or, when the feedstock is of a higher molecular
weight than methane and especially when it is normally liquid, can be in two stages, in the first of
which the feedstock is catalytically converted with steam to a gas of high methane content at an outlet
temperature under 650°C and in the second of which that gas is reacted in the externally heated
process. Various types of supported nickel catalyst are available for these hydrocarbon-steam reactions.
The feedstock preferably should be substantially sulphur-free (under 0.5 ppm S) and may have been
subjected to a preliminary catalytic hydrodesulphurisation and H,S-removal treatment.

External heating can be effected by having the catalyst in tubes surrounded by a furnace or in
adiabatic beds preceded by heating zones. Before entering the catalyst, when present in heated tubes,
the hydrocarbon steam mixture is preheated, preferably to a temperature in the range 600—700°C
which is higher than commonly used heretofore. When the hydrocarbon is methane or ethane it can be
used directly at such a high preheat temperature. When it contains 3 or more carbon atoms in the
molecule or includes unsaturated hydrocarbons, the preliminary conversion to gas of high methane
content is useful in permitting the preferred high pre-heat temperature.

For a high level of fuel economy the pressure at the outlet of step (a) is preferably in the range
30—120, especially 40—80 bars abs. and the temperature is in the range 750—850°C. The steam
ratio is preferably in the range 2.5—3.5 molecules of total steam per atom of carbon in the
hydrocarbon if all the steam and hydrocarbon are fed to this stage. The relatively high pressure gives
rise to efficient heat transfer into the tubes and makes possible a saving of compression power further
downstream. The relatively low steam ratio decreases the quantity of heat that has to be fed in and
removed later. The temperature range is one for which thermally efficient steam reforming furnaces are
available; at these temperatures the methane content of the product gas is typically up to 30, for
example in the range 10 to 20% by volume on a dry basis and this is preferred, although it is
considerably higher than is normally thought. suitable in the primary reformer gas of an ammonia
synthesis plant.

The feed to step (b) includes the gas from step (a) (which may, if desired be further heated before
entering step (b)) and an oxygen-containing gas, which is conveniently air and preferably is preheated
to a temperature in the range 400—700°C. Further steam can be fed to step (b) or further hydrocarbon
feedstock if it is desired to minimise the total steam ratio without having too low a steam ratio in step
(a), but usually all the hydrocarbon and steam are fed to step (a). In step (b) the outlet pressure is
conveniently about the same as at the outlet of step (a), apart from the pressure drop through the
secondary reforming catalyst. The outlet temperature is preferably in the range 950—1050°C and the
outlet methane content in the range 0.2 to 10% v/v on a dry basis. Such a temperature is rather higher
than has been proposed for processes using an over-stoichiometric air feed rate and has the effect of
reacting a greater proportion of the hydrocarbon feedstock in the internally-heated secondary reformer
and thus less in the thermally less efficient externally heated primary reformer, and also of permitting a

. lower steam ratio than the preferred high pressure would otherwise demand. The excess of air resuits in
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a gas containing preferably 2.2 to 2.7 molecules of hydrogen equivalent (i.e. total of H, and CO) per
molecule of nitrogen. The catalyst in step (b) can be for example a supported nickel catalyst or
chromium oxide catalyst or a combination thereof. Usually the reaction mixture is brought substantialily
to equilibrium.

By introducing the excess air into step (b) it becomes possible to operate step (a) to produce a gas
of higher methane content, that is, at a lower temperature and/or lower steam ratio and/or higher
pressure.

For step (c) the gas from step (b) is cooled with recovery of useful heat to the inlet temperature of
the "shift” catalyst over which the reaction of carbon monoxide with steam occurs. Usually this
temperature is in the range 300—400°C, especially 320—350°C, appropriate to iron-chrome shift
catalysts. The reaction over the iron-chrome catalyst is exothermic (outlet temperature 400—450°C)
and the outlet gas is again cooled with recovery of useful heat and subjected to further shift reaction,
preferably over a copper-containing catalyst, for which the inlet temperature is suitably 200—240°C
and the outlet temperature 240—270°C. Such a low-temperature shift stage produces a gas
containing usually 0.2 to 0.6% v/v of carbon monoxide on a dry basis. Since the pressure is higher than
has been generally used in low temperature shift, the steam to dry gas molar ratio in the gas entering
the low temperature shift catalyst is kept down to a level that avoids damage to the catalyst, preferably
in the range 0.1 to 0.3 when the pressure is over 40 bar abs. This means that the steam to carbon ratio
in steps (a) and (b) should not be too high, but it can be readily attained using ratios in the range 2.5 to
3.5 {methane feedstock) or 2.4 to 3.2 (feedstock of empirical formula CH,) or in intermediate ranges for
hydrocarbons of intermediate composition. The higher nitrogen content due to excess air helps to keep
down the steam to dry gas ratio. I it is desired to use a higher steam to carbon ratio in steps (a) and (b),
or to add extra steam in or after step (b}, the steam to dry gas ratio can be kept down by recycling
synthesis gas from a downstream point after removal of steam and carbon dioxide and possibly after
compression. ,

Other shift conversion systems such as iron chrome/CO, removal/iron chrome or systems based
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on catalysts containing other Group VI and Group VIil metals and oxides or on alkali metal compounds
of weak acids could be used if desired.

Step (d), removal of carbon oxides, is usually carried out in a first stage in which carbon dioxide is
substantially removed, and a second in which residual carbon monoxide and carbon dioxide are
removed down to a very low level such that the ammonia synthesis catalyst is not significantly
poisoned by them. If desired, any carbon monoxide remaining after shift step (c) can be selectively
oxidised to carbon dioxide.

The first step of step (d) can be carried out using any liquid absorbent. Well-established chemical
systems such as Benfield's potassium carbonate or diethanolamine-potassium carbon, “Vetrocoke”,
"Catacarb” or amine systems such as monoethanolamine can be used. These have, however, the
disadvantage of consuming a substantial quantity of steam in the regeneration of the liquid absorbent,
a requirement that is especially inconvenient when the steam to dry gas ratio of the shifted gas is at the
preferred low levels. A 2-stage carbon dioxide removal, in the first stage of which most of the carbon
dioxide is absorbed in an amine, such as triethanolamine, that is regenerable substantially without
heating, and in the second stage of which an absorbent is used that does require heat in regeneration,
is therefore preferable. The preferred high pressure in step (a), which is substantially maintained apart
from inevitable pressure drops in subsequent steps, makes possible the use of “physical” absorbents,
the preferred examples of which can be regenerated merely by lowering pressure. Suitable absorbents
used in industrially developed processes are tetramethylene sulfone {“Suifinol”) propylene carbonate
(Fluor), N-methyl-2-pyrrolidone (“Purisol”), methanol (“Rectisol”) and the dimethyl ether of
polyethyleneglycol (“Selexol”).

If desired, part or all the carbon dioxide can be removed by absorption in anhydrous or aqueous
ammonia. Such a procedure is especially useful if the ammonia to be produced by the process of the
invention is to be used for urea synthesis or for making ammonium sulphate by the calcium sulphate
process. In a convenient form of the process, applicable especially when it is desired to operate steps
(a) to (d) at pressures less than optimal for using physical absorbents, the bulk of the carbon dioxide can
be removed in a physical absorbent and the remainder in a chemical solvent as mentioned above or in
ammonia. The latter procedure can be designed to suit any desired relative outputs of ammonia, carbon
dioxide and urea.

The second stage of step (d) can be carried out by contacting the gas with a carbon oxides
absorbent such as copper liquor but is most conveniently effected by catalytic methanation, for
example over a supported nickel catalyst at an outlet temperature in the range 250—400°C. This
decreases the carbon oxides content to a few parts per million by volume but produces water, which
can be removed by cooling, separation and passage over a water-absorbent such as alumina or a
molecular sieve.

The dried gas from step (d) contains nitrogen, hydrogen in less than the stoichiometric ratio from
ammonia synthesis, a small quantity (usually under 1% v/v) of methane and fractional percentages of
noble gases introduced with the secondary reformer air, and is thus ready for use as an ammonia
synthesis gas. it may be compressed to any convenient synthesis pressure, for example in the range
120—400 bar abs. Owing, however, to its unusually high pressure, it is preferably passed to the
synthesis with less than 50% compression and preferably, no more than the increase in pressure (for
example up to 20%) encountered in a circulator in a recycle-type synthesis. Such a small increase uses
much less energy than process in common use and is one of the main factors by which the energy
consumption in the process according to the invention can be unprecedentedly low. If desired, the
pressure increase can be rather larger without seriously impairing the energy economy of the process,
preferably such as can be provided by a single machine acting as compressor and circulator and
typicaily up to 100 bar and more conveniently in the range 20—80 bar. Preferably the compressor-
circulator is a single-barrel machine. The compressor and circulator functions can be separated within
the machine so as, for example to provide for mixing of recycle gas with fresh synthesis gas outside the
barrel. As an alternative such mixing can be effected within an undivided barrei.

The larger pressure increase is advantageous in the process described below employing cryogenic
separation of a hydrogen-rich stream from reacted synthesis gas because it permits the use of gas
expansion to provide part of the cooling. In particular a side stream of synthesis gas is taken
downstream of the compressor section of the machine or of the circulator section and passed through a
hydrogen separation unit, whereafter the hydrogen rich fraction is returned to the process at the inlet of
the compressor or to an intermediate level therein, depending on the extent to which its pressure has
been decreased in the separation unit. 7

The “fresh” synthesis gas from step (d) can be fed through a succession of catalytic stages and
ammonia removal stages but, as in most ammonia synthesis processes is preferably mixed with
synthesis gas recycled from an ammonia removal stage. At the preferred synthesis pressures the
attainable pass conversion over the synthesis catalyst is relatively low, giving an ammonia outlet
concentration in the range 8 to 12% v/v. The ratio of recycled gas to fresh gas is suitably in the range 4
to 6.

The catalyst used in the ammonia synthesis can be of the usual composition, namely iron with
promoting quantities of non-reducible oxides such as those of potassium, calcium, aluminium and
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others such as of beryllium, cerium or silicon. In order to afford maximum activity and thus to
compensate for the lower rate of reaction due to low pressure, the iron catalyst preferably contains also
cobalt, suitably to the extent of 1—20% w/w calculated as Co,0, on the total oxidic composition from
which the catalyst is made by reduction and in which the iron oxide is assumed to be all Fe;0,. The
catalyst can be in the form of particles in the sieve range 18 to 4 ASTM {1—4.7 mm) especially 10to 5
(2—4 mm), if it is desired to maximise their available contact surface or larger, for example up to 20
mm; the arrangement of the catalyst in the synthesis reactor preferably therefore may afford short gas
flow paths, such as radial or secantial flow in a cylindrical reactor. The outlet temperature of the
synthesis catalyst is preferably in the range up to 500°C, especially 300—450°C for example 350—
430°C. This is lower than has been usual, in order to obtain a more favourable synthesis equilibrium.
The catalyst volume is suitably in the range 100-—200 m? per 1000 metric tons per day output; this is
higher than has been usual but can be tolerated because at the low operating temperature and pressure
the reactor can be of simple construction for example of the hot-wall type.

The recovery of ammonia from reacted synthesis gas can be carried out by ordinary air-cooling or
water-cooling if the pressure is high enough, but at preferred pressures in the range 40—80 bar abs. is
best carried out by absorption in water. Absorption in an acid or on a solid such as zinc chloride can be
used if convenient. Absorption in water is conveniently carried out in two or more stages, in the first of
which the gas contacts a relatively strong ammonia solution (for example 15 to 30% w/w) and in the
last pure water or a weak ammonia solution (for example up to 10% w/w). The water temperatures and
flow rates are preferably such that the gas leaving the absorption contains less than 2.0% v/v of
ammonia: this has the effect of increasing the pass conversion over the catalyst and thus compensating
for the lower pressure. After the absorption the gas is dried in order to prevent deactivation of the
catalyst by water. The aqueous ammonia product can be used as such or distilled to recover anhydrous
ammonia from it.

Since the fresh synthesis gas contains nitrogen in excess of the stoichiometric proportion, noble
gases and also methane to an extent dependent on the incompleteness of the secondary reforming
reaction and of the shift reaction, the continued removal of ammonia from it, especially in a recycle
process, results in a substantial concentration of non-reacting gases. It is preferred to treat the gas
mixture to remove such gases before their concentration reaches 10% v/v especially 5.0% v/v. This
treatment could be applied to the whole of the reacted gas after removal of ammonia or even to the
mixture of reacted gas and fresh synthesis gas, but it is preferred to apply it only to a side stream,
because then any failure of the treatment plant does not cause a shutdown of the whole production
process. The side stream can conveniently be taken from the gas downstream of the ammonia
separation and treated for hydrogen separation, whereafter the hydrogen is returned to the circulating
synthesis gas. It could be taken before ammonia separation but the treatment would then involve also
ammonia recovery. The hydrogen separation treatment involves a pressure-drop and may involve also a
pressure let-down through an expansion engine in order to decrease the gas temperature for cryogen
separation; consequently the hydrogen stream has to be compressed to return it. Preferably therefore in
a recycle synthesis loop the side stream is taken from the effluent of the circulator, where the gas
pressure in the system is highest, and the separated hydrogen stream is returned to the inlet of the
circulator, where the gas pressure is lowest. Part or all of the separated hydrogen stream can be
recycled to the low temperature shift inlet.

The hydrogen separation treatment can be by any suitable means, for example by cryogenic
fractionation, molecular sieve adsorption of gases other than hydrogen or palladium membrane
diffusion. The hydrogen stream returned to the synthesis can be substantially (over 90% v/v) pure but in
any event should contain at least 3 molecules of hydrogen per nitrogen molecule. The non-reactive
gases discarded from the hydrogen separation treatment should of course be substantially free of
hydrogen, since any discarded hydrogen represents wasted energy. If the side stream contains
methane, the separation treatment can be designed and operated to separate a methane-rich stream
and that stream can be used as process feed or furnace fuel for step (a) or fed to step (b). A typical side
stream flow rate is in the range 15 to 30% of total gas flow.

A preferred cryogenic purification of the hydrogen stream in step (f) comprises the stages:

a) subjecting it in a first indirect cooling stage to heat exchange with one or more cool streams to
be described;

b) cooling the product of stage a) by expansion in an engine;

c) subjecting the engine effluent in a second indirect cooling stage to heat exchange with one or
more cold streams to be described, whereby to decrease its temperature to below the dewpoint of
nitrogen;

d) separating a liquid phase containing nitrogen, methane and possibly noble elements;

e) passing the hydrogen-enriched gaseous phase from step d) into heat exchange in stage c) as
one of the cold streams; '

f) passing the hydrogen-depleted liquid phase from stage d) into heat exchange in stage c) as one
of the said cold streams;

g) passing the streams thus warmed in stages e) and f) into heat exchange in stage a) as the said
cool streams;
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h) passing the hydrogen-enriched gaseous phase back to the synthesis loop.

Usually the hydrogen-depleted phase will evaporate in stage f) and possibly in part in stage g). It is
then discarded possibly by discharge to atmosphere but possibly to a use for example as an auxiliary
coolant or as a working fluid in a heat engine or as a fuel, depending on its composition and on local
requirements.

If its methane content is high enough it may be used for synthesis gas generation.

The gas entering stage a) is suitably at a temperature in the range 0—50°C, typical of gas leaving
an ammonia separation system or leaving a circulator.

In the ammonia production process heating and cooling operations are integrated so as to avoid
or minimise importation or waste of energy. The principal heat recoveries are as follows, in a typical
process:

Source Temp °C Recipient of heat
Furnace flue gas 920 Step a) reactants pre-heater
Boiler and boiler feed water heater
Heaters for natural gas and process air
Furnace combustion air preheater

Step (b) effluent 1000 Boilers raising steam at 100—200 bar
Steam superheaters or reheaters

HT shift effluent 460 Boiler raising steam at 100—200 bar
330 Boiler feed water heater

LT shift effluent 250 Boiler feed water heater
170 Various low grade uses

Synthesis effluent 460 Boiler feed water heater

Process air compressor — Process air (compressor with limited or no

interstage cooling used)

The steam raised at 100—200 bar is let down in one or more pass-out turbines exhausting at a
pressure suitably of 45—80 bar and the exhaust is partly used as feed to step (a), partly let down in one
or more further turbines exhausting at low pressures or to condenser. The turbines drive the process air
compressor, the circulator and (preferably by way of electrical generators) the smaller machines such as
liquid pumps, furnace combustion air pump and flue gas fan. As a result of the relatively high methane
content of the gas leaving step (a) and the substantially complete utilisation of hydrogen, the waste
heat recoverable from furnace flue gas is less per metric ton of ammonia per day than in processes in
common use but at the same time, in the absence of a compression stage, less energy is to be found
from waste heat. Consequently the process represents a new balance of energetic provision and use.
The plant combination is also novel.

The invention is illustrated by the accompanying drawings in which:

Figure 1 shows a flowsheet of the ammonia production process in two preferred forms,
distinguished according as they follow full-line path A or dotted path B; and

Figure 2 shows a flowsheet of the cryogenic separation system corresponding to item 66 in figure
1; items occurring also in figure 1 are shown with both numbers.

In figure 1 a heated mixture of natural gas and steam is fed at 10 into the catalyst filled primary
reforming tubes heated in furnace 14. The resuiting hot gas, consisting of carbon oxides, hydrogen,
methane and excess steam is fed to secondary reformer 16 and heated air at 18 is fed into that gas by
means of a suitable nozzle. A flame is formed in the space at the top of reformer 16 but the temperature
falls as the methane-steam reaction comes to equilibrium over the catalyst. The resulting gas has a very
low methane content as a resuit of the relatively high air feed rate into 16 and also contains nitrogen in
excess of what will react with the hydrogen that will be present after the subsequent stages. The gas
leaving 16 is cooled at 20, by passage through a high pressure boiler, a boiler feed water heater and
possibly other heat exchanges such as with natural gas and process air, to the inlet temperature of high
temperature shift catalyst 22. The shifted gas is cooled at 24, which like 20 also includes a high
pressure boiler and other heat exchanges, to the inlet temperature of low temperature shift catalyst 26.
Shifted gas from 26 is cooled at 28, which represents low grade heat recoveries such as boiler feed
water heating and possibly carbon dioxide absorbent regeneration and includes cooling to below the
dewpoint of steam such that water is separated from the gas in separator 30. The resulting relatively
dry gas is contacted in packed tower 32 with a carbon dioxide absorbent solution fed in at 34, Carbon
dioxide-loaded solution is taken off at 36 and passed to a regeneration tower (not shown) and returned
to point 34. Gas substantially free of carbon dioxide leaves the top of tower 32, is heated in
feed/effluent heat exchanger 38 and enters methanator 40 in which residual carbon monoxide and
carbon dioxide are converted to methane. Methanated gas is cooled by heat exchange with feed gas at
38 and united at mixing point 44 with a steam of recycled synthesis gas to be described. The mixed gas
is cooled further at 42 and passed to separator 46, in which the bulk of its water content is removed,
optional mixing point 47 (see path B below), where a recycle hydrogen stream is fed in, and drier 48 in
which it is dehydrated to the low level of water required in the synthesis. Dehydrated gas is passed into
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circulator 50 in which its pressure is increased sufficiently to maintain circulation, united at 52 with a
recycle hydrogen stream to be described, heated to catalyst inlet temperature in feed/effluent heat
exchanger 54 and passed into ammonia synthesis reactor 56. (For simplicity, reactor 56 is shown with
a single catalyst bed and gas feed point, with an external feed/effluent heat exchanger, without internal
cooling and without external heat recoveries. In practice a more complicated reactor would be used). In
56 incomplete conversion to ammonia occurs. The reacted gas is cooled by stages to a temperature at
which ammonia can be separated from it. The cooling stages include feed/effluent heat exchange at 54
and possibly other heat exchanges such as steam raising and boiler feed water heating, ending with
final cooling with discard of heat represented generally by 58. Ammonia is recovered as a liquid in
separator 60, which can be of the simple type with baffle plates if the gas pressure is high enough and
cooling at 58 is to below the dewpoint of ammonia; alternatively and more conveniently separator 60 is
a packed absorber down which water is fed countercurrently to the ammonia-containing gas. At 62
anhydrous ammonia is run off to store or aqueous ammonia is run off to a distillation system producing
anhydrous ammonia overhead and water, possibly also a relatively strong ammonia solution, as
bottoms, for recycle to the absorber. Reacted gas leaving the top of separator 60 is then fed to point 44
and united with methanated gas. The purge gas stream taken at 64 is explained below,
Figure 1 shows two methods for treating reacted synthesis gas for recovery of hydrogen.

Path A {full lines)

Following path A a purge stream {25% v/v of total flow), is diverted at 64 and fed to hydrogen
recovery unit 66. Unit 66 typically includes a drier and a cryogenic fractionation plant in which the gas
is cooled to minus 188°C to condense out nitrogen, methane and noble gases. The uncondensed
fraction, consisting of substantially pure hydrogen is fed via blower 70 to point 52 where it is united
with synthesis gas about to be heated and fed to synthesis reactor 56. The condensed fraction is re-
evaporated in order to cool purge gas entering unit 66 and leaves at 68. If it contains sufficient
methane it can be used as fuel in furnace 14. Alternatively it can be fractionated during evaporation in
order to produce a methane stream to be used as furnace fuel or as process feed at 10.

Following path B a side stream (25% of total flow) of mixed gas is taken at 51 at the outlet of
circulator 50 and passed into hydrogen recovery unit 66. The hydrogen fraction from 66 is fed to point
47 upstream of drier 48. Path B has the advantage that the pressure difference across circulator 50 is
utilised to drive the gas through unit 66, so that no blower 70 is needed. By feeding the hydrogen
stream at 47 the temperature of the gas entering the drier can be kept cooler and consequently drier 48
will have greater capacity. The path B process is especially suitable when circulator 50 includes a
compression stage: then the hydrogen stream is fed to the inlet of that stage instead of at 47.

It is to be understood that steam raised at points 20 and 24 and possibly also by heat exchange
with flue gases from furnace 14 is let down in a turbine driving circulator 50 and is used to drive
{conveniently by way of an alternator and electric motors) the numerous other machines such as blower
70, the compressor for process air fed at 18, the blower supplying combustion air to the burners of
furnace 14, and liquid feed pumps.

In figure 2, which represents one preferred form of the stages within item 66 of figure 1, line 110
carries a mixture of make-up fresh ammonia synthesis gas and unreacted gas from an ammonia
separator or absorber. The gas after treatment in the process of the invention will pass out at 118 to a
final drier and then via the usual heat exchangers to the ammonia synthesis catalyst. At point 112 there
enters a side stream of hydrogen-enriched gas made by the process of the invention. The mixed stream
is compressed at 114 to at least the extent required to maintain circulation. At 116 a side stream is
taken off and may be.washed with absorber feed water to remove residual ammonia from it. it is
passed through drier 120 charged with solid drying agent such as a molecular sieve. This stream is
chilled at 122 by indirect heat exchange with circulated refrigerant, passed through first cold box 124
and then let down in pressure in engine 126 with performance of work W. It is to be noted that chiller
122 can be omitted if the pressure increase at 114 is relatively large. Also drier 120 can be omitted if
cold box 124 is operated with switching gas paths. Thus it is operated at first as shown, with untreated
gas following path A, until sufficient condensation of water and ammonia or of ammonia only if the gas
has previously been dried, as taken place on the walls of pipe A to increase its pressure drop
measurably. Then paths A and C are interchanged so that untreated gas passes through a clean pipe
and the dry gas carries away the condensed water and ammonia. Alternatively, especially when
previously dried gas is used, paths A and B are interchanged, so that the condensed ammonia is carried
back into stream 110.

Gas cooled by expansion in engine 126 is then passed through cold box 128 to below the
dewpoint of at least one of its components and thence into separator 130. Uncondensed gas enriched
in hydrogen passes overhead at 132 and constitutes one of the cold streams entering cold box 128.
Bottoms liquid passing out at 134 is let down in pressure through valve 135 and passes into cold box
128, where it is allowed to evaporate, constituting the other cold stream. The resulting two gas streams
having been warmed in cold box 128 constitute the cool streams heat exchanged with untreated gas in
cold box 124 before cooling by expansion in engine 126. The hydrogen-enriched gas warmed further in
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cold box 124 is passed back to the synthesis gas stream at 112, at the low pressure side of
compressor/circulator 114. The hydrogen-depleted stream is passed out at 138.

Example

Table 1 shows the gas pressure, temperature, flow rate and composition at the significant
positions in a process according to figure 1 for the manufacture of 1000 metric tons per day of
ammonia (as NH;). The H,:N, ratio of the methanated gas is 2.34, as a result of the rate of feed or air to
the secondary reformer, which rate is about 28% greater than in a process producing a gas with an
H,:N, ratio of 3.0. As a result it is possible to operate the primary reformer to produce a gas containing
17.2% v/v of methane on a dry basis, that is, to operate at the unusually high pressure of 45.2 bar abs.
at the steam ratio of 3.0 (which is no higher than usual) and to keep the temperature down to 792°C at
the outlet. The temperature of the natural gas/steam mixture entering the primary reformer is 640°C,
which is higher than usual and is attained at the cost of more expensive alloy used in the construction
of the required preheater, but usefully increases the conversion of methane in the primary reformer. The
unusually low H,:N, ratio has the effect that hydrogen is more completely reacted (other things being
equal) in the synthesis reactor. The recycle rate and purge rate are both higher than usual, but the high
purge rate does not result in loss of hydrogen because hydrogen is recovered from it and returned to the
synthesis. The catalyst volume is 200 m?® using a promoted iron catalyst or 120 m? using a promoted
iron-cobalt catalyst, as explained further below.

About 98% of the hydrogen is used in ammonia synthesis. Allowing for energy used in
evaporating gaseous ammonia from aqueous solution and reliquefying it, the process consumes 300 or
in most favourable conditions 285 therms per metric ton of ammonia. This is to be compared with 345
to 380 therms in plants in common use. Furthermore the process according to the invention can be
completely self-sufficient in all types of energy.

The effect of the cryogenic separation can be seen by comparing the gas compositions at
positions 60 outlet and 70 inlet. In an aiternative process as shown in figure 2 the side stream taken at
116 is 20% v/v of the effluent from 114 and has the % v/v composition 71.2 H,, 23.7 N,, 3.9 CH,, 1.2
Ar. The hydrogen-enriched stream returned at 112 then has the % v/v composition 85.6 H,, 13.6 N,,
0.4 CH,, 0.4 Ar. The pressure at the inlet of circulator 114 is 46 bar and the outiet 51 bar in this typical
process. :
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Activity of the ammonia synthesijs catalyst
The ammonia synthesis data in the table are based on activity measurements on a catalyst made
by reducing the following oxide composition, weight percent, as made by co-fusion and solidification.

Fe 0,4 balance
CoO 5.2
Ca0 1.9
K0 0.8
Al,O, 2.5
MgO 0.2
Sio, 0.5

This catalyst was compared with the corresponding cobalt-free catalyst by passing over them in
parallel reactors a stoichiometric ammonia synthesis gas and adjusting the gas space velocity to
produce an outlet gas containing the same volume percentage of ammonia. The activity of the cobalt-
containing catalyst relative to that of the cobalt-free catalyst taken as 100 at various ammonia
synthesis temperatures was:

450°C 134
400°C 144
350°C 160

It was shown in further experiments that during ammonia synthesis the cobalt-containing
catalyst maintains its activity approximately as well as the cobalt-free catalyst. Thus the volume of the
cobalt-containing catalyst required for a given ammonia output is typically under 75% that of a
corresponding cobalt-free catalyst and as low as 50% at the lower temperature at which the cobalt-
containing catalyst is active.

Claims

1. An ammonia production process which comprises

{a) primary catalytically reforming at superatmospheric pressure a hydrocarbon feedstock with
steam in conditions of steam-to-carbon ratio, pressure and temperature to produce a gas containing
carbon oxides, hydrogen and at least 10% v/v methane;

{b) secondary catalytically reforming the gas from step (a) by introducing air and bringing the
mixture towards equilibrium, whereby to produce a gas containing nitrogen, carbon oxides, hydrogen
and a decreased quantity of methane; the quantity of air being sufficient introduce 1 molecule of
nitrogen per 2.0 to 2.9 molecules of hydrogen;

{c) converting carbon monoxide catalytically with steam to carbon dioxide and hydrogen;

{d) removing carbon oxides to give a nitrogen-hydrogen ammonia synthesis gas;

{e} reacting the synthesis gas to produce ammonia and recovering ammonia from the reacted gas;

(f) treating synthesis gas after reaction to synthesise ammonia to separate a stream enriched in
hydrogen and returning the enriched stream to the synthesis; and

(g) discarding non-reactive gases present in the synthesis gas.

2. A process according to claim 1 in which in step (a) the steam to carbon ratio is in the range
2.5—3.5, the outlet pressure is in the range 30—120 bar abs and the outlet temperature is in the
range 750—850°C.

3. A process according to claim 1 or claim 2 in which in step (b) the outlet temperature is in the
range 950—1050°C, the outlet methane content is in the range 0.2—10% v/v on a dry basis and the
ratio of hydrogen equivalent to nitrogen in the outlet gas is in the range 2.2 to 2.7.

4. A process according to any one of the preceding claims in which the pressure in step (a) and
subsequent steps is at least 40 bar abs and step (c) includes a low temperature shift stage at a steam to
dry gas molar ratio in the range 0.1 to 0.3.

5. A process according to any one of the preceding claims in which the pressure in step (a) and
subsequent steps is at least 40 bar abs and step (d) includes carbon dioxide removal in two stages, in
the first of which there is used as absorbent an amine regenerable without heating and in the second of
which there is used an absorbent requiring heat in regeneration.

6. A process according to any one of the preceding claims in which for step (e} the synthesis gas
pressure is increased by no more than 50%.

7. A process according to any one of the preceding claims in which in step {e) the ammonia
synthesis catalyst contains iron, promoting compounds and cobalit, the cobalt content being 1—20%
w/w calculated as Co;0, on the total oxidic composition from which the catalyst is made and in which
the iron oxide is assumed to be all Fe;O,, and the synthesis catalyst outlet temperature is in the range
350—430°C.
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8. A process according to any one of the preceding claims in which in step (e) ammonia is
recovered from reacted synthesis gas by absorption in water.

9. A process according to any one of the preceding claims in which step (e) is carried out by
pumping the synthesis gas in a loop comprising the synthesis catalyst, an ammonia separator and a
circulator and in step (f) a part stream of synthesis gas after reaction to synthesise ammonia and after
recovery of ammonia therefrom is withdrawn from the gas leaving the circulator and treated to
separate a gas enriched in hydrogen and the hydrogen-enriched gas is returned to the iniet of the
circulator,

10. A process according to any one of the preceding claims in which in step (f) a part stream of
gas is treated by:

a) subjecting it in a first indirect cooling stage to heat exchange with one or more cool streams to
be described;

b) cooling the product of stage a) by expansion in an engine;

c) subjecting the engine effluent in a second indirect cooling stage to heat exchange with one or
more cold streams to be described, whereby to decrease its temperature to below the dewpoint of
nitrogen;

d) separating a liquid phase containing nitrogen, methane and possibly noble gases;

e) passing the hydrogen-enriched gaseous phase from stage d) into heat exchange in stage c¢) as
one of the cold streams;

f) passing the hydrogen-depleted liquid phase from stage d) into heat exchange in stage c) as one
of the said cold streams;

g) passing the streams thus warmed in stages e) and f} into heat exchange in stage a) as the said
cool streams;

h) passing the hydrogen-enriched gaseous phase back to the synthesis loop.

Patentanspriiche

1. Verfahren zur Herstellung von Ammoniak, das folgende Schritte umfafdt:

(a) primédre katalytische Reformierung eines Kohlenwasserstoff-Aufgabegutes mit Dampf bei
einem Uber Atmosphéren-druck liegenden Druck unter solchen Bedingungen des Dampf-Kohlenstoff-
Verhéltnisses, des Druckes und der Temperatur, daR ein Kohlenstoffoxide, Wasserstoff und mindestens
10 Volumen % Methan enthaltendes Gas gebildet wird,

{(b) sekunddre katalytische Reformierung des Gases aus Schritt (a) durch Einfiihrung von Luft,
wobei das Gemisch unter Bildung eines Stickstoff, Kohlenstoffoxide, Wasserstoff und eine verminderte
Methanmenge enthaltenden Gases ins Gleichgewicht gebracht wird und wobei die Luftmenge zur
Einflihrung von 1 mol Stickstoff pro 2,0 bis 2,9 mol Wasserstoff ausreicht,

(c) katalytische Umwandiung von Kohlenmonoxid mit Dampf unter Bildung von Kohlendioxid und
Woasserstoff,

(d) Entfernung von Kohlenstoffoxiden unter Bildung eines Stickstoff und Wasserstoff enthaltenden
Synthesegases fir die Herstellung von Ammoniak,

{e) Umsetzung des Synthesegases unter Bildung von Ammoniak und Gewinnung von Ammoniak
aus dem umgesetzten Gas,

(f) Behandlung des Synthesegases nach der zur Herstellung von Ammoniak durchgefiihrten Um-
setzung zwecks Abtrennung eines an Wasserstoff angereicherten Stromes und Zuriickfiihrung des
angereicherten Stromes zur Synthese und

{g) Aussonderung von in dem Synthesegas vorhandenen, nicht reaktiven Gasen.

2. Verfahren nach Anspruch 1, bei dem im Schritt (a) das Dampf-Kohlenstoff-Verhéltnis in dem
Bereich von 2,5 bis 3,5, der AuslaRdruck in dem Bereich von 30 bis 120 bar absolut und die Aus-
laBtemperatur in dem Bereich von 750 bis 850°C liegt.

3. Verfahren nach Anspruch 1 oder Anspruch 2, bei dem im Schritt (b) die AuslaBtemperatur in
dem Bereich von 950 bis 1050°C, der Auslafi-Methangehalt in dem Bereich von 0,2 bis 10 Volumen %
(Trockenbasis) und das Verhéltnis der Wasserstoffiquivalente zu Stickstoff im Ausiafgas in dem
Bereich von 2,2 bis 2,7 liegt.

4. Verfahren nach einem der vorhergehenden Anspriiche, bei dem der Druck im Schritt {a) und in
den darauffolgenden Schritten mindestens 40 bar absolut betrdgt und Schritt (c) eine Verschiebungs-
stufe bei niedriger Temperatur mit einem Dampf-Trockengas-Molverhéltnis in dem Bereich von 0,1 bis
0.3 einschlief3t.

5. Verfahran nach einem der vorhergehenden Anspriiche, bei dem der Druck im Scheritt (a) und in
den darauffolgenden Schritten mindestens 40 bar absolut betrdgt und Schritt (d} eine in zwei Stufen
erfolgende Entfernung von Kohlendioxid einschliet, wobei in der ersten dieser Stufen ein ohne Erhitzen
regenerierbares Amin als Absorptionsmittel eingesetzt wird und in der zweiten dieser Stufen ein
Absorptionsmittel eingesetzt wird, das zur Regenerierung Hitze bendtigt.

6. Verfahren nach einem der vorhergehenden Anspriiche, bei dem der Druck des Synthesegases
fiir Schritt (e) um nicht mehr als 50% erhéht wird.

7. Verfahren nach einem der vorhergehenden Anspriiche, bei dem der Ammoniaksynthese-
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Katalysator im Schritt (e) Eisen, aktivierende Verbindungen und Cobalt enthéit, wobei der Cobalt-
gehalt, berechnet als Co;0, und bezogen auf die gesamte, oxidische Zusammensetzung, aus der der
Katalysator hergestellt worden ist, unter der Annahme, daR es sich bei dem ganzen Eisenoxid in der
Zussmmensetzung um Fe;0, handelt, 1 bis 20 Gew. % betrigt, und die AuslaBtemperatur des
Ammoniaksynthese-Katalysators in dem Bereich von 350 bis 430°C liegt.

8. Verfahren nach einem der vorhergehenden Anspriiche, bei dem im Schritt {(e) Ammoniak durch
Absorption in Wasser aus umgesetztem Synthesegas gewonnen wird.

9. Verfahren nach einem der vorhergehenden Anspriiche, bei dem Schritt (e} durchgefiihrt wird,
indem man das Synthesegas in einen Kreislauf ineinpumpt, der den Ammoniaksynthese-Katalysator,
einen Ammoniak-Abscheider und eine Umwaélzpumpe enthélt, und im Schritt (f) ein Teilstrom des
Synthesegases nach der zur Herstellung von Ammoniak durchgefiihrten Umsetzung und nach der Ge-
winnung von Ammoniak aus dem Synthesegas aus dem die Umwalzpumpe verlassenden Gas abge-
zogen und zur Abtrennung eines an Wasserstoff angereicherten Gases behandelt wird und das an
Wasserstoff angereicherte Gas zum EinlaR der Umwaéizpumpe zuriickgefiihrt wird.

10. Verfahren nach einem der vorhergehenden Anspriiche, bei dem im Schritt (f) ein Teilstrom des
Gases behandelt wird, indem man

A) den Tellstrom in einer ersten indirekten Kahistufe einem Warmeaustausch mit einem oder
mehreren nachstehend erlduterten Kiihlstrdmen unterzieht,

B) das Produkt der Stufe A} durch Ausdehnung in einer Warmekraftmaschine abkiihit,

C) den Effluenten der Warmekraftmaschine in einer zweiten indirekten Kiihistufe einem
Waiérmeaustausch mit einem oder mehreren nachstehend eriduterten, kaiten Strédmen unterzieht, um
seine Temperatur unter den Taupunkt des Stickstoffs herabzusetzen,

D) eine Stickstoff, Methan und ggf. Edelgase enthaltende, fliissige Phase abtrennt,

E) die an Wasserstoff angereicherte, gasfrmige Phase aus Stufe D) als einen der kalten Stréme
zum Warmeaustausch in die Stufe C) leitet,

F} die an Wasserstoff verarmte, fliissige Phase aus Stufe D) als einen der kalten Stréme zum
Wérmeaustausch in die Stufe C) leitet,

G) die auf diese Weise in den Stufen E) und F) erwérmten Strdme als KiiHIstrome zum Wirme-
austausch in die Stufe A) leitet und

H) die an Wasserstoff-angereicherte, gasformige Phase zuriick zu dem Synthesekreislauf leitet.

Revendications

1. Procédé de production de 'ammoniac caractérisé en ce que:

(a) on effectue un réformage catalytique primaire, & une pression supérieure 3 la pression
atmosphérique, d’'une charge formée par un hydrocarbure avec de la vapeur d’eau, dans des conditions
de rapport vapeur-carbone, de pression et de température fournissant un gaz contenant des oxydes de
carbone, de I'hydrogéne et au moins 10% v/v de méthane;

{b}) on effectue un réformage catalytique secondaire du gaz provenant du stade (a) par
introduction d'air et en amenant le mélange vers un équilibre, de fagon 4 produire un gaz contenant
del’azote, des oxydes de carbone, de I'hydrogéne et une quantité réduite de méthane, la quantité d'air
étant suffisante pour introduire une molécule d'azote pour 2,0 3 2,9 molécules d'hydrogéne;

{c) on convertit par voie catalytique le monoxyde de carbone en dioxyde de carbone et en

" hydrogéne avec de la vapeur d’eau;

(d) on élimine les oxydes de carbone pour fournir un gaz de synthése de 'ammoniac contenant de
I'azote et de |'hydrogéne;
(e) on fait réagir le gaz de synthése pour produire de I'ammoniac et on récupére I'ammoniac 2

' partir du gaz ayant réagi;

{f) on traite le gaz de synthése aprés réaction pour effectuer la synthése de 'ammoniac afin de
séparer un courant enrichi en hydrogéne et on renvoie le courant enrichi a la synthése; et

(g) on rejette les gaz non réactifs présents dans le gaz de synthése.

2. Procédé suivant la revendication 1, caractérisé en ce qu'au cours du stade (a), le rapport
vapeur-carbone est compris dans une gamme allant de 2,5 a 3,5, la pression de sortie est comprise
dans une gamme allant de 30 & 120 bars en pression absolue, et la température de sortie est comprise
dans une gamme allant de 750 a 850°C.

3. Procédé suivant la revendication 1 ou 2, caractérisé en ce qu'au cours du stade (b}, la
température de sortie est comprise dans une gamme allant de 950 & 1050°C, la teneur en méthane &
la sortie est comprise dans une gamme allant de 0,2 & 10% v/v sur une base séche, et le rapport
d‘équivalent d’hydrogéne & I'azote dans le gaz de sortie est compris dans une gamme allant de 2,2 &
2,7.

4, Procédé suivant 'une quelconque des revendications précédentes, caractérisé en ce que la
pression au cours du stade (a) et au cours des stades ultérieurs est d’au moins 40 bars en pression
absolue et le stade {c) comprend une opération de conversion & basse température, avec un rapport
molaire entre la vapeur et le gaz sec compris dans une gamme allant de 0,1 3 0,3.

5. Procédé suivant l'une quelconque des revendications précédentes, caractérisé, en ce que la
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pression au cours du stade (a) et des stades ultérieurs est d’au moins 40 bars en pression absolue, et en
ce que le stade {d) comprend |'élimination du dioxyde de carbone en deux opérations, au cours de la
premiére desquelles on utilise comme agent d'absorption une amine pouvant &tre régénérée sans
chauffage, tandis qu'au cours de la seconde on utilise un agent d'absorption exigeant de la chaleur pour
la régénération.

6. Procédé suivant I'une quelconque des revendications précédentes, caractérisé en ce que pour
le stade (e) la pression du gaz de synthése est augmentée d'une valeur ne dépassant pas 50%.

7. Procédé suivant I'une quelconque des revendications précédentes, caractérisé en ce qu'au
cours du stade (e) le catalyseur de synthése de 'ammoniac renferme du fer, des composés d’activation
et du cobalt, 1a teneur en cobalt étant de 1 3 20% p/p calculée en Co,0, sur la base de la compaosition
oxydée totale a partir de laquelie le catalyseur est préparé, |'oxyde de fer étant supposé &tre en totalité
du Fe;0,, la température de sortie du catalyseur de synthése étant comprise dans une gamme allant de
350 a 430°C.

8. Procédé suivant 'une quelconque des revendications précédentes, caractérisé en ce qu'au
cours du stade (e) de I'ammoniac est récupéré 3 partir du gaz de synthése ayant réagi par absorption
dans l'eau.

9. Procédé suivant l'une quelconque des revendications précédentes, caractérisé en ce que le
stade (e) est mis en oeuvre par pompage du gaz de synthése dans une boucle comprenant le catalyseur
de synthése, un appareil de séparation de 'ammoniac et un appareil de circulation et en ce qu'au cours
du stade (f) un courant partiel du gaz de synthése est, aprés réaction pour effectuer la synthése de
'ammoniac et aprés récupération de I'ammoniac & partir de ce courant, prélevé au gaz quittant
V'appareil de circulation et traité pour séparer un gaz enrichi en hydrogéne, le gaz enrichi en hydrogéne
étant renvoyé a I'entrée de I'appareil de circulation.

10. Procédé suivant I'une quelconque des revendications précédentes, caractérisé en ce qu'au
cours du stade (f) un courant de gaz partiel est traité:

(a) en le soumettant au cours d’une premiére opération de refroidissement indirect 4 un échange
thermique avec un ou plusieurs courants frais qui sont décrits;

(b) en refroidissant le produit de I'opération (a) par détente dans un moteur;

{c) en soumettant I'effluent du moteur, au-cours d'une seconde opération de refroidissement
indirect, 4 un échange thermique avec un ou plusieurs courants froids qui sont décrits, afin de réduire
ainsi sa température jusqu’au-dessous du point de rosée de 'azote;

(d) en séparant une phase liquid contenant de I'azote, du méthane et éventuellement des gaz
nobles;

(e} en transférant la phase gazeuse enrichie en hydrogéne provenant de |'opération (d) dans une
relation d'échange thermique a I'opération (c) pour former 'un des courants froids;

(f) en faisant passer la phase liquide appauvrie en hydrogéne provenant de 'opération {(d) dans
une relation d'échange thermique dans I’ opératlon {c) pour former 'un de ces courants froids;

(g) en faisant passer les courants ainsi réchauffés au cours des opérations (e) et (f} dans une

- relation d'échange thermique lors de I'opération (a) pour former les courants froids;
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(h) en renvoyant la phase aqueuse enrichie en hydrogéne 3 la boucle de synthése.
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